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Abstract

The Ca-looping (CaL) process for CO2 post-combustion capture is a promising technology that has received lot of attention concerning both experimental and modelling aspects in recent years. In this work, a calciner reactor model based on simple fluid-dynamic assumptions and including calcination kinetics is proposed. The main objective of the reactor model is to evaluate the CaCO3 content leaving the calciner or, in other words, the calciner efficiency defined as the fraction of CaCO3 calcined in the reactor, as a function of calciner operating conditions such as solid inventory, calciner temperature, solid circulation rate or fresh sorbent make-up flow. Different analysis have been carried out to determine a feasible operating window of the reactor where high calciner efficiencies are achieved at relatively low temperatures and reasonable solid residence times in the calciner. The results obtained show that typical solid inventories in a range of 8000 to 12000 mol of Ca/m2 and temperatures of 1173-1183 K, will result into such calciner efficiencies well over 95 %. These results reinforce the CaL system application at a large scale for CO2 capture and make the model as a valuable tool for interpreting future experimental results obtained from pilot-scale CaL facilities.
Keywords: Energy, Environment, Reactor design, Mathematical modelling, CO2 capture, calcination 

1. Introduction

CO2 capture and storage (CCS) technologies have a great potential to contribute for stabilization of greenhouse gases concentration in the atmosphere in the mid to long term 1[]
. Their application is likely focused on large point sources of CO2 like power plants or, to a lesser extent, large industrial processes such as cement plants or refineries. Considering the recent increases in coal consumption among the power generation sector, and the immediate projections for coal use as primary energy source in the coming years 2[]
, the need of application of CCS technologies will be reinforced.
Among the different families of CO2 capture technologies, this work is focused on Calcium Looping (CaL) post-combustion process that is rapidly developing from a concept paper to large pilot testing in recent years 3[]
, particularly under the EU funded CaOling project (www.caoling.eu). The CaL system was first proposed by Shimizu et al. 4[]
 and involves the separation of CO2 using the reversible carbonation reaction of CaO and the calcination of CaCO3 to regenerate the sorbent. Regarding to the large flow of flue gas treated in a CaL system that needs to be put into contact with CaO, a typical configuration for this process would consist of two interconnected circulating fluidized beds (CFB), calciner and carbonator, operating under atmospheric pressure (see Figure 1). Flue gases leaving the boiler of an existing power plant are fed into the carbonation unit, operating at temperatures between 873 K and 973 K, where the CO2 reacts with the CaO coming from the calciner to form CaCO3. Solids from carbonator are sent back to the calcination unit where CaCO3 is calcined to form CaO, which is recirculated again to the carbonator, and CO2 as a concentrated gas stream suitable for compression and storage. Since a concentrated CO2 stream is aimed at the exit of the calciner, the equilibrium of CO2 on CaO (close to 1173 K for pure CO2 at atmospheric pressure) requires operation at high temperature during calcination. Due to the heating up of the solids coming from carbonator to calciner temperature and to the endothermic calcination reaction, there is a great amount of energy required in the calciner that represents between 35 and 50 % of the total energy introduced in the CaL system 5[]
. Oxy-combustion of coal can be used to supply the energy needed in the calciner 4[]
, although higher efficiency configurations (that do not require a pure O2 stream) have also been proposed 6


[ ADDIN EN.CITE , 7]
. Moreover, some recent patents propose reducing the consumption of O2 in the calciner by heating the solids leaving the carbonator thanks to indirect heat exchangers fed with the heat recovered from the solids and gas streams exiting the calciner 8[]
. More advanced designs propose eliminating the need of a pure O2 stream by integrating the CaL with a new chemical loop in order to use the exothermic reduction of CuO with a fuel gas as the heat supply to regenerate the sorbent in the calciner 
 ADDIN EN.CITE 
[9, 10]
. 
[Figure 1]
The existence of high quality energy streams leaving the CaL system at high temperature allows for an effective energy recovery and integration into a steam cycle to generate power 
 ADDIN EN.CITE 
[4, 11-17]
. As a result of this energy integration, and despite of the energy consumption from the Air Separation Unit (ASU) and the CO2 compressor, energy penalties associated to CaL system are lower than those coming from existing technologies like amine-based systems. This fact, together with the inherent advantages linked to this capture technology such as the possible synergy with cement industry or the inherent SO2 capture, is leading to a fast development of the CaL as a potential technology for CO2 capture 18[]
.
In recent years, important steps in demonstrating the viability of the CaL technology have been taking place by testing experimentally the viability of using a bed of CaO as CO2 absorber in a CaL system. Capture efficiencies ranging from 70 to 97 % have been achieved in different test facilities at lab-scale from 10 to 30 kWth 
 ADDIN EN.CITE 
[19-24]
. Initial results have been also reported from a 1MWth pilot plant operating in batch mode in Germany 25[]
 and the outcome from detailed experimental programme in a 1.7 MWth test facility, particularly devoted for CaL research, is expected in the near future 3[]
.
There have been several approaches to the development of carbonator reactor models integrated into a CaL system. Shimizu et al. 4[]
 and later Abanades et al. 
 ADDIN EN.CITE 
[19]
 used the bubbling bed model proposed by Kunii and Levenspiel [26]
 to predict the CO2 captured in an bubbling bed absorber consisted of CaO particles. However, CFB carbonator reactors are the natural choice for large scale systems when attending to the huge flow of gases expected to enter the carbonator if operating at atmospheric pressure. First approaches to the modelling of a CFB reactor acting as carbonator came from Hawthorne et al. 27[]
 and Alonso et al. 28[]
. Predictions of these models showed that high capture efficiencies above 80 % are feasible under reasonable operating conditions (solid inventory, solid circulation rate, temperature, sorbent performance). A simpler version of the model proposed by Alonso et al. 28[]
 was used to analyse the experimental results shown in 23[]
 where modest solid inventories and solid circulation rates yielded high capture efficiencies in a 30 kWth pilot facility. More sophisticated carbonator models have been recently published by taking into account hydro-dynamics of the fluidized bed 
 ADDIN EN.CITE 
[29, 30]
. Lasheras et al. 29[]
 proposed a 1D carbonator model based on the model for fast fluidized CFB reactors by Kunii and Levenspiel [31]
, and determined that solid inventory and solid circulation between reactors are the most influencing parameters on capture efficiency. Romano 30[]
 went into further detail of the fluid dynamics and the kinetic model, including the effects of coal ash and sulphur species, and stated this model as a valuable tool for optimisation of operating conditions, especially those parameters associated to the CaO-based sorbent behaviour that strongly influence system performance. 
Despite the increasing amount of published papers concerning carbonator performance, there is a lack of attention to the calciner reactor coupled to the carbonator in the CaL system. The oxy-fired CFB combustion technology required for the calciner is considered as an enabling technology for CaL, with its own developing path as a major oxy-fuel combustion capture technology for power generation 32[]
. However, the performance of this reactor is quite important in the CaL concept of Figure 1 as it determines not only the fraction of CaCO3 regenerated, and so the amount of CaO newly formed that will react with further CO2 in the carbonator, but also the degree of sorbent deactivation that will affect sorbent CO2 carrying capacity. In large scale CaL systems, there will be a trade-off between achieving the lowest CaCO3 content in the solids leaving the calciner (that is equivalent to achieve full calcination of the CaCO3) and the requirements of high temperatures and/or low CO2 partial pressures to achieve this aim 
 ADDIN EN.CITE 
[24]
. In published works on thermal integration of CaL system, the calciner has been usually considered as an oxy-fired combustor operating at sufficiently high temperature to achieve complete calcination of CaCO3. However, from a calciner performance point of view, there are great challenges derived from the need of supplying a great amount of energy to the calciner and the demanding conditions required to achieve a high calcination conversion at a concentrated CO2 atmosphere. In principle, temperature in the calciner should be as high as necessary to assure a low content of CaCO3 in the solids leaving the calciner. However, it is also known that a substantial contribution to the heat demand in the calciner is associated to the heating of the inert solids flowing from carbonator to calciner 5[]
, and therefore, the energy consumption in the calciner will be higher as temperature in the calciner increases. Also the heating of the recirculation of CO2 (at lower temperature than the operating temperature in the calciner) to control the temperature in the calciner reactor, will contribute to increase the energy demand of the calciner reactor. Moreover, there are further reasons to seek for low calcination temperatures as sorbent deactivation and ash issues tend to increase drastically beyond 1223 K 
 ADDIN EN.CITE 
[33, 34]
. Design temperature in the calciner will be a trade-off between the previous factors, forcing to operate at low calcination temperatures, and the calcination efficiency that will tend to increase with temperature.
A number of models for CFB combustors have been proposed in the literature including a wide range of assumptions and parameters on hydrodynamic sub-models, and main reacting processes of carbon devolatilisation, volatile and char combustion 
 ADDIN EN.CITE 
[35-39]
. Several of them include a calcination reaction sub-model to account for the decomposition of limestone particles fed to the combustor to capture SO2. Sotudeh-Gharebaagh et al. 40[]
 and Adanez et al. 41[]
 consider that under CFBC conditions calcination of limestone occurs rapidly enough to be considered as instantaneous and complete, whereas the CFBC models proposed by Huilin et al. 42[]
 and Myöhanen et al. 43[]
 include some basic calcination modelling approaches. Operating conditions of these CFB combustors differ from those required in the calciner of the CaL (related to temperature and CO2 concentration in the reaction atmosphere), and assumptions made about the instantaneous and complete calcination would be no longer applicable in the calciner unit, which operates at high partial pressures of CO2, and requires temperatures as low as possible, close to the equilibrium of CO2 on CaO (about 900ºC in pure CO2 at atmospheric pressure). For this reason, the purpose of this work is to fill the gap of knowledge related to calciner performance in CaL systems by developing a first calciner reactor model based on simple fluidynamic assumptions, and including realistic kinetic description of the calcination reaction. Results from this model, which analyse the performance of this reactor under different operating conditions, will be a helpful tool to define an operational window for this reactor under CaL operation. These results may also be used for facilitating the interpretation of experimental results obtained in future pilot scale test of the CaL technology for post-combustion CO2 capture.

2. Model description

Following the notation and the scheme of Figure 1, the main objective of the model is to determine the calciner efficiency, Ecalc, which can be understood as the fraction of CaCO3 calcined in the reactor, defined as:
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Where Xcarb and Xcalc represent, respectively, the CaCO3 content entering and exiting the calciner expressed in mol CaCO3/mol Ca according to the definition by Rodríguez et al. 23[]
 and Charitos et al. 
 ADDIN EN.CITE 
[24]
. In steady-state operation, the CO2 removed from the flue gas in the carbonator should be released in the calciner to fulfil mass balances. According to Figure 1, the overall mass balance to the CO2 in the calciner of the system can be written as: 
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The first term of equation (2) refers to the increment in the CO2 concentration in the gas phase due to the calcination process only, taking as a reference the characteristic CO2 concentration of the oxy-CFB combustor without calcination (a typical CO2 concentration in the reactor will be between 70 and 75 %, assuming that coal burnt in the calciner has low ash and moisture content, and a recycle of around 60 % of the gas stream exiting the calciner, to have an equivalent O2 inlet concentration of 25 %). This is equivalent to assume that complete fuel combustion occurs instantaneously at the entrance of the calciner. To solve the model, two further assumptions are needed: instantaneous and perfect mixing of the solids in the calciner, and average constant CO2 concentration in the gas phase along the calciner. The last assumption is reasonable at this level of modelling detail, as the contribution of the CO2 formed during calcination is relatively minor compared to the CO2 resulting from the oxy-fired combustion. Complete CaCO3 calcination represents between 4 and 10 percentage points of the total CO2 molar fraction of the gas exiting the calciner, and therefore, we assume that the average CO2 concentration in the gas phase remains almost constant along the riser of the CFB calciner.
Figure 1 shows the mass balances to the CO2 in the CaL system. From the notation used, it can be seen that a molar flow of Ca is circulated between reactors (FCa in mol/s) with a CaCO3 content of Xcarb entering the calciner. To maintain the activity of the sorbent through the cycles, it is necessary to introduce a fresh sorbent make-up flow (F0 in mol/s). Both FCa and F0 will determine the maximum average carbonation capacity of the Ca-based sorbent. As a consequence of the fresh sorbent addition into the CaL system, a solid purge needs to be made in the calciner to avoid ash and deactivated CaO being accumulated. The total amount of CaCO3 introduced in the calciner to be calcined will come from the solids recirculated from carbonator (FCa·Xcarb) and the fresh sorbent make-up flow (that in this paper has been considered to be 100 % of CaCO3). Fuel introduced in the calciner to provide energy for calcination generates a molar flow of CO2 (FCO2,fuel) that comes from the carbon contained in the fuel (FC,fuel). As depicted in Figure 1, recirculation of CO2 is made in the calciner to control the temperature due to fuel oxy-combustion (FCO2,rec). Solid residence time of the particles in the calciner ( in seconds) is determined by the inventory of NCa moles of Ca in the bed (that is a mixture of CaO and CaCO3), the solid circulation rate FCa and the fresh sorbent make-up flow F0. According to the assumptions made in the model, mass balances focus only on the molar flow of CO2 generated from CaCO3 calcination in the calciner (FCO2,calc). In these conditions, the mass balances can be written as follows:
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(5) 

Where  is the average CaCO3 content of the total molar flow entering the calciner resulting from mixing FCa and F0. The definition of the calcination rate of the particles in the bed, rcalc, is based on the results from a previous work 44[]
 that determined the calcination kinetics of partially carbonated particles, after submission to several carbonation-calcination cycles, as a function of temperature and CO2 concentration in the gas phase. In that work, it was observed that the calcination rate (expressed as d(Xcarb-Xcalc)/dt) can be described with a grain model according to equation (6):
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Integrating this expression, it is possible to derive the time required to achieve full calcination of CaCO3, 
, as: 
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An important consequence of this experimentally validated calcination model (see Figure 2 and 44[]
) is that CO2 formation rate by calcination is largely constant, irrespective of the CaCO3 content of the particle. Therefore, typical particles leaving the carbonator reactor of the CaL system with modest CaCO3 content will tend to calcine in much shorter times than fresh limestone particles entering the calciner from F0. As depicted in Figure 2, the full calcination time, 
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, decreases with decreasing CaCO3 content. To avoid the need of a distribution of 
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 as function of the CaCO3 content of individual particles, and given that the majority of the particles will present a CaCO3 content close to Xcarb (due to the low ratio F0/FCa typical of operation in CaL systems), the average CaCO3 content in the particles of the bed 

, calculated as described above, will be used to estimate the average calcination rate of particles in the reactor model.
[Figure 2]
In these conditions, the calcination reaction model at particle level, which can be applied to all particles present in the calciner reactor at any time, could be expressed according to this equation: 
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(8)
where particles with a residence time higher than 

 will be fully calcined, and therefore their reaction rate will be zero (rcalc=0), and particles with a residence time lower than 

 are approaching their maximum calcination conversion at a constant reaction rate that depends only on temperature and CO2 partial pressure. Since the fluidized bed calciner is assumed as a perfect mixed model for the solid phase, the fraction of particles with a residence time lower than 

 is defined as:
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(9)
where  is the average particle residence time in the calciner that can be evaluated as:
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In this way, the concept of fa that is the fraction of particles that are not fully calcined, finds an equivalent to the concept of active fraction of particles reacting in the fast reaction regime in the carbonator reactor 
 ADDIN EN.CITE 
[19, 28]
.
The variable 

 represents the CaCO3 content in the solids entering the calciner and its value will depend on the CO2 capture efficiency in the carbonator reactor and on the operation conditions of the CaL system (in terms of solid circulation rate between reactors and fresh sorbent make-up flow). The upper limit of Xcarb will be the maximum average CO2 capture capacity of the sorbent, Xave, defined in 45[]
 when carbonation and calcination conversions of particles are incomplete. However, as it has been mentioned and according to the results from Figure 2, the calcination reaction rate given as moles of CO2 formed per mol of Ca 
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 will be the same for all these particles irrespective of their CaCO3 content. 
The estimation of rcalc from equation (8) requires the CO2 concentration in the equilibrium, Ceq, which is calculated from the molar fraction of CO2 in the equilibrium given by equation (11) proposed by Barker [46]
, where T and P are temperature (in K) and pressure (in atm), respectively: 
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Once the terms of the equation that govern the release of CO2 in the gas phase (equation 4) have been described, attention is paid to the mass balance term represented in equation (5), that defines the CaCO3 that disappears from the solids circulating to the calciner, FCa and F0. According to the discussion above, this will be the sum of two contributions: the CaCO3 content of particles that have achieved full calcination (with a residence time higher than 

), and CaCO3 from those particles with a residence time lower than 

 that are still reacting at a rate rcalc given by equation (8). Then, the mass balance given by equation (5) can be rewritten as:
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(12) 
For simplicity, we have assumed that all particles entering the calciner present an average CaCO3 content 
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On the other hand, and due to the fact that CO2 formation rate is constant until 
 is reached, the average change in CaCO3 content for those particles of residence time lower than 
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Expressing equation (14) as a function of fa, and substituting equations (13) and (14) in (12), the balance given by equation (5) results in:


[image: image43.wmf](

)

(

)

÷

ø

ö

ç

è

æ

-

+

=

÷

÷

ø

ö

ç

ç

è

æ

a

a

carb

Ca

f

f

X

F

F

phase

solid

the

from

d

disappeare

CaCO

1

1

ln

·

·

0

3





(15)

Comparing equations (5) and (15), it can be found that 
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In these conditions, the calciner efficiency Ecalc can be evaluated according to equation (17) that results from the combination of equations (1) and (16):
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Therefore, once that temperature and CO2 concentration have been fixed and an average rcalc can be estimated with equation (8), the CaCO3 disappearing from the solid stream by calcination can be evaluated with equation (16) and therefore, FCO2,calc can be determined with equation (5). These balances should be equal to that given by equation (4) that can be written as a function of rcalc as follows:


[image: image47.wmf](

)

3

·

·

·

·

·

2

3

2

CO

eq

c

a

Ca

calc

a

Ca

C

C

k

f

N

r

f

N

n

calcinatio

CaCO

by

released

CO

-

=

=

÷

÷

ø

ö

ç

ç

è

æ





(18)
As a result of the equations proposed above, it is possible to evaluate Ecalc by using equations (7), (9), (10) and (17). The determination of Ecalc requires a set of input conditions in the calciner model that are: the solid inventory (NCa), solid circulation between reactors (FCa) and its CaCO3 content (Xcarb), fresh sorbent make-up flow (F0), temperature in the reactor (Tcalc) and molar fraction of CO2 in the gas phase (fCO2), and two kinetic parameters for the sorbent (kc0, Ea). The simplicity of this model makes it a valuable tool for evaluating the performance of the calciner reactor as a function of a range of operating conditions expected in the post-combustion CaL process.
3. Results and Discussion

According to the equations proposed in the previous section, Ecalc can be estimated once the operating variables in the calciner have been set, including the net CaCO3 flow rate arriving in the solid stream circulating from the carbonator. This is the variable that links the operation between both the carbonator and calciner reactors, and can be defined as: FCa·Xcarb. In a typical CaL system, the operation of the calciner will be focused on working with high Ecalc, attempting negligible CaCO3 content in the solid stream leaving the calciner (Xcalc close to 0). 

From the experimental results and discussion presented by Rodríguez et al. 23[]
 and Charitos et al. 
 ADDIN EN.CITE 
[24]
, 9 mol CO2/m2s can be considered as a reasonable value for the input of CaCO3 being transferred from the carbonator to the calciner (FCaXcarb). This value can be achieved with different pair of variables Xcarb and solid circulation rate. A solid circulation rate of around 3 kg/m2·s from the carbonator to the calciner, typical for existing CFB combustors having similar fluid-dynamic behaviour that CaL main reactors, has been assumed. These assumptions imply operating with a CaCO3 content in the solids from the carbonator of Xcarb=0.2. For these values, the molar flow of Ca circulation between reactors, FCa, will be 45 mol/m2·s. Sorbent activity is maintained due to the addition of a fresh sorbent make-up flow, F0. A ratio F0/FCa=0.05 has been considered as a reasonable starting point in the model simulations, together with an average value of CO2 molar fraction in the gas phase of the calciner of fCO2=0.8, according to the conventional values mentioned in the model description section. Kinetic parameters, kc0 and Ea, characteristic of a common high-purity limestone have been set as 20.5·102 m3/mol·s and 112 kJ/mol, respectively, as determined in 44[]
.
Figure 3 shows the calciner efficiency, Ecalc, as a function of solid inventory (NCa) for an operating temperature in the calciner ranging from 1163 to 1193 K. Solid inventory was evaluated up to 15000 mol/m2 of Ca as it corresponds to approximately 1400 kg/m2 of solid inventory in the reactor (based on a 60 %wt. of CaO in the bed, leaving the remaining 40 % for other inert materials in the CaL (ash and CaSO4)) which results in 14·103 Pa of pressure drop in the solid bed. The temperature range was chosen as appropriate to achieve nearly complete calcination under typical oxy-fired conditions as mentioned in 44[]
. As expected, the results plotted in Figure 3 predict that low bed inventories (resulting in low residence times for a given solid circulation rate and make-up flow) derive into lower values of Ecalc. This effect is even more pronounced when the calciner temperature approaches the equilibrium temperature for the CO2 fraction of 0.80 set in the simulation case (1158 K). In contrast, temperatures as moderate as 1193 K for oxy-fuel calcination seem to be enough to achieve Ecalc over 95 % for considerably low inventories (3000 mol/m2 of Ca, which corresponds to about 280 kg/m2 assuming 60 %wt. of CaO in the solid bed, and less than 1 minute of average solid residence time). On the other hand, typical solid residence times in CFB systems of 2-3 minutes (which corresponds to NCa of around 10000 mol/m2) would allow working with lower temperatures close to 1173 K to achieve the same Ecalc of 0.95.

Moreover, as evident from Figure 3, Ecalc follows an asymptotical trend for reasonable high inventories (NCa> 8000) and, regardless of NCa, it remains almost constant at very large values for calcination temperatures over 1173 K. Despite these good predictions, the perfect mixing assumption of solids in the calciner makes it very difficult to achieve complete calcination (Ecalc=1), as extremely high temperatures and solid inventories would be required. Therefore, a feasible objective to operate the oxy-fired calciner could be to achieve at least a Ecalc of 95 %. This implies less than 1 % of CaCO3 content in the solid leaving the calciner (Xcalc). 
[Figure 3]
The simulation case presented in Figure 3 considers a fixed ratio F0/FCa=0.05. However, in a large scale CaL system, the fresh sorbent make-up flow will largely vary as it will be determined by external issues like limestone cost or the possible synergy with a cement plant, or by operational issues such as the type of coal used in the calciner (that will determine the amount of ashes and sulphur in the CaL system and so the amount of solid purge needed to moderate the accumulation of these inert solids in the system). Therefore, two different scenarios with respect to the amount of solids purged have been evaluated: a first case with a lower ratio F0/FCa of 0.008 that could correspond to the case of a low ash and sulphur coal in the calciner and no required synergy with cement industry. This low sorbent make-up flow results in a sorbent with a rather poor CO2 capture capacity and therefore, to maintain the amount of 9 mol/m2·s of CaCO3 being transferred from the carbonator to the calciner unit (fixed as reference value in the simulation cases proposed in this work),it will be necessary to operate the CaL with a relatively high solid circulation rate between carbonator and calciner. In this example, the CaCO3 content, Xcarb, in the stream arriving from the carbonator has been set at Xcarb=0.1, and therefore the molar flow of Ca flowing between reactors, FCa, will be 90 mol/m2·s. The second scenario corresponds to a CaL system with a high ratio F0/FCa of 0.12, typical of a system with a high ash and/or sulphur coal in the calciner, or aiming a very active sorbent in the system. In this case, the 9 mol/m2·s of CaCO3 transferred to the calciner unit can be maintained with a relatively low solid circulation between reactors. As a result of this high sorbent make-up flow (and low circulation rate),the sorbent will present high CO2 capture capacity, and therefore Xcarb of 0.3 could be a reasonable value for this case working with a molar flow FCa of 30 mol/m2·s.
[Figure 4]

Figure 4 displays the values of Ecalc obtained when working under these extreme scenarios of the CaL under the same temperature range as in the previous graph. Despite the fact that both scenarios lead to such a different solid residence time in the calciner (around 2 and 4 minutes for the lower and the higher F0/FCa ratio, respectively), it is revealed that there is no a great difference between both curves. In order to explain this result, it is appropriate to introduce at this point the concept of the active space time, active, that has been satisfactory to interpret experimental results in recent published works on the carbonator reactor 
 ADDIN EN.CITE 
[23, 24, 47]
. Focusing on the calciner reactor, it is possible to write the mass balances given by equations (3), (4) and (5) as a function of a active in the calciner, defined as:
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active in the calciner relates the fraction of CaCO3 in the calciner solid bed reacting with respect to the molar flow of CaCO3 that is entering into the calciner. Considering active, Ecalc can also be expressed as:
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In both scenarios of Figure 4, NCa=10000 mol/m2 whereas the total CaCO3 flow entering the calciner (FCa.Xcarb+F0) is rather similar. Then, fa, the fraction of CaO particles in the bed that is actually going through calcination reaction, is the variable that may represent the difference between both scenarios. According to equation (9), fa is dependent on  and t*c which change considerably in both scenarios. However, both variables  and t*c, according to equations (10) and (7) respectively, vary in the same direction, and as a result, the ratio t*c/  and therefore fa, are similar in both cases. The fact that Ecalc is hardly affected by the operating conditions in the CaL (with a reasonable NCa for a given Tcalc and fCO2) reinforces its application at a larger scale, and makes energy consumption in the calciner be decisive in choosing the best operating conditions.
As CO2 molar fraction has been maintained constant at 0.8 in the previous analysis, Figure 5 illustrates the effect of this operating parameter on Ecalc. As the figure evidences, fCO2 is a substantially affecting variable in the calciner, especially when working at low and moderate calcination temperatures. For each fCO2, there is a huge increase of Ecalc with temperature due to the largely effect on calcination kinetics (see equation 6) when increasing from low values. As calciner temperatures become higher than 1183 K in this figure, the impact of fCO2 on Ecalc virtually becomes imperceptible. 
[Figure 5]

As mentioned, Ecalc is strongly linked to the value of active. In this analysis where NCa, FCa and F0 have been maintain constant, active diminish as the active fraction of solids fa is reduced and therefore Ecalc increases. The convergence observed at high temperatures is due to having reached a point where every pair of Tcalc and fCO2 lead to the same value of active (around 15-18 seconds), and therefore, same Ecalc. From results depicted in Figure 5 it is also revealed that each fCO2 has a minimum calciner temperature below which Ecalc drops sharply when decreasing temperature only few degrees. As expected, this minimum calciner temperature rises when increasing fCO2 due to the fact that operating conditions and equilibrium come together. Considering that the average CO2 molar fraction in the calciner of a CaL system in post-combustion application is likely to not exceed 90 %, it can be observed in Figure 5 that approximately around 1173 K, Ecalc remains almost constant with temperature regardless of fCO2. In this way, working with temperatures of at least 1173 K in the calciner, negative effects on Ecalc would be diminished if there is any change in average CO2 molar fraction in the calciner of the CaL system.

The flow of CaCO3 entering in the calciner from the carbonator, FCa·Xcarb, that is directly linked to the CO2 captured in the carbonator unit (or carbonator efficiency), is also a very important variable in the calciner performance. To study this effect, FCa·Xcarb has been examined in a wide range of 6 to 11 mol CO2/m2·s, centred in the aforementioned value of 9 mol CO2/m2·s. This range will be equivalent to consider carbonator efficiencies between 60 and 97 %, for a reference power plant. As a result, the ratio F0/FCa has to be changed to achieve this CaCO3 content according to mass balances solved in 17[]
. 

[Figure 6]
Figure 6 shows the solid inventory NCa needed in each case to get a fixed Ecalc at three different temperatures in the calciner: 1183 K, 1173 K and 1168 K. These temperatures result from previous conclusions that point to calciner temperatures around 1173 K as the minimum needed for an appropriate calciner performance. As expected, an increase in FCa·Xcarb brings about a rise in the amount of CaCO3 entering the calciner and therefore, there is a need of rising NCa to maintain a constant value of active or, what it is the same, to maintain Ecalc. For typical CO2 capture efficiencies in a range of 8-10 mol CO2/m2·s, reasonably high Ecalc of around 95 or 97 % can be achieved in a broad range of conditions going from NCa of around 2500 mol Ca/m2 at the highest temperature of 1183 K to 22000 mol Ca/m2 at 1168 K. Obviously, both limits of NCa are hypothetical as they represent non-realistic solid residence times in the calciner (more than 7 minutes for the highest and 1 minute for the lowest NCa). For typical solid inventories of 8000-12000 mol/m2 ( ranging from 2 to 3 minutes) and temperatures in the range of 1173-1183 K, high Ecalc values (over 95 %) can be achieved. 

4. Conclusions
The oxy-fired CFB combustor acting as calciner in CaL systems is aimed at achieving high calciner efficiencies at the minimum calcination temperatures, in order to minimise the energy requirements in the calciner, avoid ash related issues and maintain reasonable activity of the sorbent for further CO2 capture. A simple calciner reactor model has been formulated to evaluate calciner efficiency as a function of operating variables such as solid inventory, calciner temperature, CO2 partial pressure, or the CaCO3 content in the solids coming from carbonator unit. The model predictions, show that for typical average CO2 partial pressures in the calciner of around 0.8, solid inventory and calciner temperature strongly determine the calciner efficiency obtained especially when working with low temperatures (below 1173 K) and too low inventories. The variable defined as active space time, active,  which is the ratio between the solids reacting in the bed and the CaCO3 entering the reactor, gives an insight to the calcination efficiency of the reactor. Similar calciner efficiencies (for a given CO2 partial pressure, a reasonable solid inventory, and a given amount of CaCO3 arriving from the carbonator) have been obtained from two extreme scenarios working with low solid circulation between reactors with high sorbent make-up flow and vice versa, due to the fact that practically the same active were obtained in both cases. These simulation results have helped to establish an operational window for the calciner, when working with typical values of CO2 captured in the carbonator from 8 to 10 mol CO2/m2·s, of solid inventories in the range of 8000-12000 mol/m2 ( ranging from 2 to 3 minutes) with calciner temperatures between 1173 and 1183 K. These conditions lead to calciner efficiencies higher than 95 % and consequently, as low as 0.005 moles of CaCO3/mol of Ca in the solids leaving the calciner will be expected. The model presented is a valuable tool for predicting and optimising the calciner efficiency obtained in the CaL system, although further modifications of this model will be done in order to take into account the effect of the fuel burnt in the calciner or the coupling with a carbonator model. 

Notation

	CCO2
	CO2 concentration in the gas phase (mol/m3)

	Ceq
	CO2 concentration in the gas phase in the equilibrium (mol/m3)

	Ea
	Activation energy of kinetic constant for CaCO3 calcination (kJ/mol)

	Ecalc
	Calciner efficiency 

	F0
	Molar flow of fresh sorbent added in the calciner to the CaL system (mol/s)

	fa
	Fraction of particles in the calciner with a residence time lower than t*c

	FCa
	Molar flow of Ca flowing between carbonator and calciner in the CaL system (mol/s)

	FC,fuel
	Molar flow of C entering in the calciner with the fuel (mol/s)

	fCO2
	Average molar fraction of CO2 in the gas phase in the calciner

	FCO2
	Molar flow of CO2 entering into the carbonator with the flue gas from the existing power plant (mol/s)

	FCO2,calc
	Molar flow of CO2 exiting the calciner coming from CaCO3 calcination (mol/s)

	FCO2,fuel
	Molar flow of CO2 exiting the calciner coming from the fuel burnt (mol/s)

	FCO2,rec
	Molar flow of CO2 recirculated in the calciner (mol/s) 

	fe
	Molar fraction of CO2 in the equilibrium between CaO and CaCO3 in the calciner operating conditions

	kc
	Kinetic constant of CaCO3 calcination (m3/mol·s)

	kc,0
	Pre-exponential factor of kinetic constant of CaCO3 calcination (m3/mol·s)

	NCa
	Solid inventory of Ca in the calciner (mol/m2)

	rcalc
	Calcination rate of CaCO3 particles in the solid bed (s-1)

	t*c
	Time needed for full calcination of particles in the calciner operating conditions (s)

	Tcalc
	Temperature in the calciner (K)

	Xave
	Maximum average conversion of solids in the carbonator

	Xcalc
	CaCO3 content in the solids leaving the calciner (mol CaCO3/mol Ca)

	Xcarb 
	CaCO3 content in the solids leaving the carbonator (mol CaCO3/mol Ca)


	Greek letters


	Residence time of solids in the calciner (s)

	active
	Active space time in the calciner (s)
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FIGURE CAPTIONS

Figure 1. Scheme of the CaL process focused on CO2 mass balances 

Figure 2. Experimental CO2 formation rate during calcination reaction (expressed as d(Xcarb-Xcalc)/dt) for different number of cycles, at 1163 K and 50 kPa of CO2 partial pressure (see also reference [44])
Figure 3. Calciner efficiency vs. solid inventory at different temperatures in the calciner (FCaXcarb=9 mol CO2/m2·s, F0/FCa=0.05, fCO2=0.8, Xcarb=0.2)

Figure 4. Calciner efficiency vs. calciner temperature at two different F0/FCa ratios (NCa=10000 mol/m2, FCa·Xcarb=9 mol CO2/m2·s, fCO2=0.8) 
Figure 5. Calciner efficiency vs. calciner temperatures at different average CO2 fractions in the calciner (NCa=10000 mol/m2, FCa·Xcarb=9 mol CO2/m2·s, F0/FCa=0.05, Xcarb=0.2)
Figure 6. Calciner efficiency as a function of solid inventory (NCa) and CO2 captured in the carbonator (FCa·Xcarb) at different temperatures (Xcarb=0.2, fCO2=0.8)
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