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A B S T R A C T   

Calcium Looping can be a suitable technology to address the CO2 capture from disperse flue gas sources, 
including shipping, by decoupling carbonation and calcination steps and by using the CaCO3 as CO2 transport 
media. In this work we present the design of a moving bed carbonator especially suited for these applications. 
The Ca-sorbent material (porous CaO or Ca(OH)2 in the form of pebbles or pellets) is fed to the top of the reactor 
at ambient conditions and is preheated by the gases leaving the reactor. Then the carbonated solids leave the 
reactor at the bottom at a temperature close to that of the inlet gases. A basic countercurrent reactor model has 
been developed to identify operational windows and other suitable conditions to achieve optimum carbonation 
temperatures of 600–700 ◦C in the central carbonation zone of the reactor. Gas velocities of 1–3 m/s and solid 
residence times in the carbonation zone of between 2 and 13 h are needed to carbonate spheres of Ca-based 
materials of 1 to 2 cm up to its maximum conversion of 0.6 for CaO and 0.8 for Ca(OH)2. The thermal and 
mechanical similarities of the proposed reactor with those of shaft kilns should accelerate the scaling up of this 
new reactor concept.   

1. Introduction 

Post-combustion Calcium Looping (CaL) systems have rapidly 
developed from a paper concept [1] to pilot systems reaching the MW 
scale when using circulating fluidized bed reactors [2–4]. CaL processes 
use CaO as a sorbent for the capture of CO2 in carbonator reactors at 
temperatures around 650 ◦C, with a subsequent calcination step at 
temperatures over 900 ◦C (usually reached by oxy-combustion) to 
obtain a highly-concentrated stream of CO2 while regenerating CaO. 
Since the calcination of CaCO3 is a highly endothermic reaction (i.e. 
about 3.9 MJ/kgCO2), CaL systems are only suitable when the high 
temperature heat flows available from the capture system (in particular 
from carbonation of CaO) are effectively integrated within the industrial 
process or used to generate power [5,6]. The CaL systems also offer 
strong material synergies and additional CO2 avoidance by using the 
CaO-rich purges in the lime and cement industries (with process related 
emissions accounting respectively for 0.3 [7,8] and 2.5 Gt-CO2/year 
[9]). 

As it is the case for other CO2 capture technologies, post-combustion 
CaL has been mainly conceived to decarbonize large stationary sources 
of CO2 such as power [5,10–15] and cement plants [16–22]. However, 

the current drive to meet 1.5 ̊C targets [23] may require capture of CO2 
technologies to be applied in a wider variety of industries, where elec-
trification and hydrogen may not be technically viable or economic in 
the long lifespan of current combustion plants. Examples of such in-
dustries are those relying on fuel combustion to reach high temperature 
environments that are inherent to their processes (e.g., glass, ceramics, 
special steels, waste-to-energy plants, paper mills, etc.). Some of these 
industrial sources of CO2 may be conveniently located within large in-
dustrial clusters, so that they can find synergies to minimise the specific 
cost of CO2 avoidance [24,25]. Nevertheless, there will be a number of 
disperse CO2 emitting activities where these opportunities are simply 
not there. This is also the case for the current fleet of large ships used for 
freight transport (emitting up to 0.94 Gt-CO2/year, mainly from heavy 
fuel combustion [26] and having lifetimes spanning well above 30 
years) that demands for technological solutions to capture CO2 [27]. 

The high molar density of carbon in CaCO3 (contains 27.1 kmol CO2/ 
m3, which would be equivalent to about 650 atm if it was an ideal gas at 
20̊C) offers a unique opportunity to provide CO2 capture solutions for 
disperse sources of CO2, by decoupling the capture step (i.e. the 
carbonation of CaO to CaCO3) from the calcination stage and by 
exploiting the role of CaCO3 as a CO2 carrier in the CaL system. Indeed, 
such concept has been proposed as a strategy [28–30] to operate CaO 
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carbonators to capture CO2 in ships, using decarbonized lime stored on- 
board (but generated on-shore). The on-board formed CaCO3 (and the 
unconverted CaO), can then be either stored or distributed in the ocean 
to enhance ocean liming [31]. Another example of decoupled Calcium 
Looping (d-CaL) system, is the proposed use of Ca(OH)2 as a material for 
direct CO2 capture from the atmosphere by its passive carbonation 
[32–35] or forced carbonation in a dedicated air contactor [36–39], 
transporting then the resulting CaCO3 to centralized oxy-fired calciners 
[35]. Lisbona et al. [40] have also recently proposed the option of 
decoupled carbonator and calciner reactors in a CaL system to address 
capture CO2 from disperse industrial sources. In this case the CaO is 
generated in the proximity of an oxy-fired cement plant and transported 
(at temperatures close to ambient) to an industrial site to be carbonated. 
The produced carbonate is then cooled down and transported back to 
the centralized oxy-calcination plant to extract the CO2 by its calcina-
tion. The energy requirements in the proposed d-CaL system are larger 
than the standard integrated CaL because of the cooling and preheating 
requirements of the solids. But some emitters may still accept the 
inherent penalties of the d-CaL when no better alternative is available to 
decarbonize them. 

In these type of d-CaL systems the choice of the most suitable car-
bonator reactor is far from obvious when considering the need to allow 
operations with a feed of CaO/Ca(OH)2 at ambient temperature. 
Bubbling fluidized beds were the first reactor choice in CaL systems [1] 
because they facilitate the continuous solid circulation between calciner 
and carbonator. Circulating fluidized bed carbonators were introduced 
to accommodate the large gas velocity, solid circulation and solid make 
up flow requirements in CaL systems for large scale power plants [5,41]. 
Entrained carbonators have been also developed recently for integrated 
applications of CaL to cement plants [42] and are entering large pilot 
demonstration scale within the Cleanker project [22,43]. In all these 
three reactor systems, a continuous circulation of high temperature 
solids is established between carbonator and calciner to achieve 
maximum energy efficiencies while keeping the carbonator at optimum 
temperatures (i.e., around 650 C̊) to facilitate energy recovery and to 
avoid the lower carbonation conversions observed at modest tempera-
tures [44]. Although there is no fundamental reason to prevent the use 
of fluidized or entrained bed carbonators in d-CaL systems, the need of 
extensive ancillary equipment for solid handling and heat recovery (i.e. 

cyclones, energy recovery subsystems, flue gas clean up devices, solid 
handling for the carbonated solids leaving the carbonator at high tem-
perature, etc.) is likely to increase cost and/or energy inefficiencies in d- 
CaL systems. Furthermore, even if such complete set-up could be justi-
fied in on-shore d-CaL applications, it would be most likely uneconomic 
when the system needs to be installed on-board of a ship. 

To address this challenge, we propose in this work the use of a novel 
reactor for carbonation by operating it in countercurrent mode [38]. We 
demonstrate that such reactor can be specially designed to address d-CaL 
applications: Ca-solid inputs close to ambient temperature, flue gas in-
puts at stack temperatures, minimum requirements of space and ancil-
lary equipment and operation with maximum activity Ca-materials to 
minimize solid handling and transport cost. The carbonator reactor ex-
ploits known principles [45,46] developed for other applications of 
countercurrent reactor systems, including today’s industrial shaft kilns, 
that use analogous materials and provide key similarities to facilitate the 
rapid scale up of the reactor proposed in this work. 

2. Design of a countercurrent bed carbonator reactor for CO2 
capture with CaO/Ca(OH)2 

Fig. 1 shows a schematic representation of the countercurrent bed 
carbonator proposed in this work, plotted to highlight the mechanical 
similarities with existing shaft kilns for limestone calcination. The 
objective of the reactor is however just the opposite: instead of pro-
moting the calcination of CaCO3 stones or pebbles of 1–10 cm diameter 
in the central region of the reactor [47–51], here it is targeted the for-
mation of CaCO3 by the carbonation of Ca-solids (i.e. with active CaO or 
Ca(OH)2 in the form of porous stones or pellets). As it will be discussed 
below, the countercurrent movement of gas and solids in the carbonator, 
together with the exothermic nature of the carbonation reaction facili-
tates the generation of a central region in the reactor at optimum 
carbonation temperatures of between 600 and 700 ̊C. Decarbonized flue 
gases come out of such region and preheat the Ca-solids fed to the 
reactor at ambient temperature. On the other side, carbonated solids 
moving downwards to the exit of the reactor preheat the flue gas 
entering the reactor and moving upwards. This capability to integrate 
preheating and cooling steps in the reactor is a known feature of moving 
bed reactors such as shaft kilns and it has allowed them to reach high 

Nomenclature 

AB reactor cross-sectional area, m2 

CCO2 CO2 concentration, mol/m3 

Cp specific heat, J/molK 
DCO2 CO2 diffusion in air, m2/s 
Deff effective diffusion of CO2 through the carbonated layer, 

m2/s 
dp particle diameter, m 
ECarb carbonation efficiency 
F molar flow, mol/s 
fCa, active active fraction of Ca solids 
LCarb length of the carbonation zone, m 
q heat flow, J/s 
T temperature, ◦C 
t time, s 
TMax maximum temperature in the carbonation zone, ◦C 
tR residence time of the solids in the carbonation zone, s 
ug gas velocity, m/s 
X solids conversion with respect to their total volume 
XCaCO3 Ca molar conversion to CaCO3 
XDehy Ca(OH)2 molar conversion to CaO 
ZCarb dimensionless countercurrent carbonator length 

ΔHCarb CaO carbonation reaction enthalpy, J/mol 
ΔHDehy Ca(OH)2 dehydration reaction enthalpy, J/mol 
ΔP pressure drop, bar 
εB bed porosity 
εCa porosity of the Ca solids 
εCarb porosity of the carbonated layer according to equation (4) 
νCO2 CO2 molar fraction 
ρCa molar density of Ca solids, mol/m3 

ρCa, p molar density of porous particles, mol/m3 

ρCaCO3 molar density of CaCO3, mol/m3 

τ tortuosity factor, calculated as 1/√εCa 
τR time for complete conversion, s 

Subscripts 
Ca Ca sorbent 
CO2 CO2 in the gas phase 
eq equilibrium 
g gas 
in reactor inlet conditions 
out reactor outlet conditions 
r reaction 
s solids 
z along the reactor length  

J. Carlos Abanades et al.                                                                                                                                                                                                                      



Chemical Engineering Journal 461 (2023) 141956

3

thermal efficiencies approaching the thermodynamic limits for calci-
nation [49,51]. In d-CaL applications, as those reviewed in the Intro-
duction section, the integration of solid preheating and cooling within 
the reactor will also be advantageous to minimize the footprint of the 
carbonator and the thermal inefficiencies. 

By exploiting as much as possible the mechanical and thermal sim-
ilarities with existing vertical shaft kilns, we can adopt a number of 
simplifying assumptions to facilitate basic design and investigate per-
formance of this new carbonator reactor. As in lime kilns and in order to 
minimize the gas pressure drop in the moving bed when operating at 
superficial gas velocities of 1–3 m/s, the moving bed carbonator can deal 
with large stones of a few centimeters of characteristic size. With this 
range of particle size for the Ca-sorbent (especially when compared to 
the 100 μm average particle size used in fluidized bed carbonators 
[4,6,11,13,41] or the 10 μm used in entrained beds [42,52,53]), the rate 
of carbonation reaction will be typically very slow. It has been experi-
mentally confirmed recently [54] that the carbonation rates of large Ca 
(OH)2 forms (i.e., of 4 to 15 mm thickness) under a wide range of gas 
atmospheres (i.e., vCO2 from 0.0005 in air to up to 0.12) and tempera-
tures from ambient to 80̊C are controlled by the diffusion of CO2 through 
the gas phase occupying the voids in the carbonated layer of the solids 
formed from the outside towards the inside of the particles. 

A schematic representation of this model is shown in Fig. 2, together 
with indicative plots of conversion vs time curves. These have been 
calculated for different diameters (dp) of CaO and Ca(OH)2 particles, 
using the following equations for spherical pebbles with a constant 
average particle size: 

Fig. 1. Conceptual design of the moving bed carbonator reactor and qualitative profiles along the reactor length of the evolution of gas and solids temperatures (Tg 
and Ts), CO2 molar fraction (vCO2) and Ca solids conversion to CaCO3 (XCaCO3). 

Fig. 2. Carbonation conversion of the Ca-sorbent (XCaCO3) vs time (t) accord-
ingly to the shrinking core model of equation (2) for spherical stones or pellets 
of CaO (full lines) and Ca(OH)2 (dotted lines) with particles diameters (dp) of 2 
and 4 cm and εCa = 0.5. Carbonation at 650 ̊C and a CO2 molar fraction of 0.05. 
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dXCaCO3

dt
=

3Deff CCO2

ρCa, p
(
dp/2

)2
(1 − X)1/3

1 − (1 − X)1/3 (1) 

or in integrated form: 

t
τR

= 1 − 3(1 − X)2/3
+ 2(1 − X) (2) 

being τR 

τR =
ρCa, p

(
dp/2

)2

6Deff CCO2
(3)  

where X is the solid conversion with respect its total volume, Deff is the 
effective diffusion of CO2 through the carbonated layer, CCO2 the CO2 
concentration and ρCa, p the molar density of the porous particles with 
porosity εCa (calculated as the product ρCa•(1-εCa), being ρCa the molar 
density of the Ca-solid). Since the process will be controlled by the CO2 
diffusion through the gas phase occupying the voids in the carbonated 
layer, Deff has been calculated as DCO2εCarb/τ where DCO2 is the CO2 
diffusion in air (as function the temperature and with a value of 1.13⋅10- 

4 m2/s at 650 ̊C [55]), εCarb the porosity of the carbonated layer and τ the 
tortuosity factor (calculated as 1/√εCa [56]). The porosity of the 
carbonated layer is calculated by assuming that there is no expansion of 
the porous solid during carbonation and considering the maximum 
carbonation conversion of the Ca-sorbent as in equation (4). Taking into 
account the solid conversion with respect its total volume (X) and the 
molar active fraction of the Ca-solids (fCa, active) the carbonation con-
version of the Ca-sorbent (XCaCO3) is calculated as XCaCO3 = X⋅fCa, active. 

εCarb = 1 − (1 − XCaCO3)(1 − εCa) −
XCaCO3ρCa(1 − εCa)

ρCaCO3
(4) 

In equation (4) ρCa and ρCaCO3 are the molar densities of the Ca-solid 
(of 59.6 kmol/m3 for CaO and 29.9 kmol/m3 for Ca(OH)2) and CaCO3 
(27.1 kmol/m3). 

As can be seen in the examples of Fig. 2, the time scales to reach 
carbonation conversions higher than 0.5 (assuming a molar active 
fraction of the Ca-solids fCa, active of 0.6 for CaO and 0.8 for Ca(OH)2 
considering the higher reactivity for the Ca(OH)2 resulting from the 
hydration of CaO [57]) span for several hours for stone sizes of 2 and 4 
cm in diameter when carbonated at 650 ̊C in an atmosphere with an 
average CO2 molar fraction of 0.05. In all cases, a porosity of εCa = 0.5 
has been assumed, being equivalent to εCarb of 0.14 and 0.46 for CaO and 
for Ca(OH)2 respectively accordingly to equation (4). The superior 
porosity of the carbonated layer for Ca(OH)2 solids compared to CaO 
enables for lower residence times or the possibility of more compact bed 
arrangements. In the case of CaO stones, there are constrains when 
considering the large difference in molar volume with respect to the 

CaCO3 product layer. Therefore, CaO pebbles with εCa > 0.42 are 
required to ensure εCarb > 0 and thus to avoid the reaction to stop due to 
pore plugging. Even if εCa = 0.44, just 0.06 below the examples in Fig. 2, 
two orders of magnitude longer residence time (and hence reactor vol-
ume) would be required to achieve the same conversion. For such Ca- 
sorbents with limited porosity, it would be possible to moderate the 
pore plugging by reducing the activity of the material. However, this 
would translate into a less effective use of the solids, which is not op-
timum for d-CaL applications. 

The long times scales shown in Fig. 2 (compared with time scales in 
the order of 10 s of seconds to 1 min when carbonating similar fine 

materials entrained or in fluidized beds [6,53,58–61]) indicates that the 
shrinking core model of equation (2) provides a suitable description of 
the progress of carbonation with time. This is again a comparable situ-
ation to what happens with the calcination reaction of similarly large 
scale stones in shaft kilns: despite the complexity of the CaCO3 calci-
nation process in short times and small microscopic scales, it has been 
well established [62] that calcining stones in the cm diameter range 
clearly follow a shrinking core model during calcination and typical 
residence times of solids in shaft kilns are usually chosen to be between 2 
and 8 h to ensure complete calcination. 

Under these conditions, with a slow motion of solids downwards in 
the reactor, very intense and effective heat transfer between the gas and 
the solids moving in countercurrent mode can be assumed, with the local 
temperature difference between gas and solids being negligible. This 
means that the axial temperature profile in the moving bed carbonator 
can be described in a simplified way as that presented in the middle of 
Fig. 1, that assumes an ideal regenerative heat exchange behavior of the 
solids preheating and cooling sections, which is close again to what is 
observed in practice in shaft kilns working under similar flow conditions 
and materials [47,48,50,63]. More advanced heat transfer models of the 
proposed countercurrent reactor will be required to analyze in detail 
other effects as, for example, the possible decoupling of the dehydration 
(endothermic reaction) and carbonation reactions (exothermic reaction) 
when Ca(OH)2 is used as sorbent, or even a possible (re)hydration 
(exothermic reaction) of partially carbonated particles in the gas pre-
heating zone when H2O (v) present in the flue gas reacts with uncon-
verted CaO. However, and for the sake of simplicity, these have been left 
outside the scope of this work. 

In these conditions, it is possible to approximate the outlet gas 
temperature (Tg, out) and the maximum carbonation temperature 
reached in the central region of the reactor (TMax) [45] from the mass 
and energy balances to the reactor. To this aim, the reactor it is assumed 
to operate under adiabatic conditions and only heat transfer between the 
gas and solid phases is taken into account. Also, as mentioned above, the 
temperature differences between the gas and solids in the carbonation 
zone are assumed to be negligible and the change in temperature be-
tween gas–solid heat exchange or preheating zones and carbonation 
zone is considered to take place in steps. 

A first energy balance, summarized in equations (5) to (7), is used to 
calculate the outlet gas temperature (Tg, out) by assuming that Tg, in = Ts, 

out. Thus, for an adiabatic reactor, 

(Heat out) − (Heat in) = (Reaction heat) (5)  

(qg,out + qs,out) − (qg,in + qs,in) = qr (6) 

the outlet gas temperature (Tg, out) can be calculated as follows,  

where Fi are the molar flows and Cpi the molar specific heat (in J/molK) 
of each stream, ΔHCarb the enthalpy of the CaO carbonation (i.e., 171 
kJ/mol at 650 ̊ C), ΔHDehy the enthalpy of the Ca(OH)2 dehydration 
(-104 kJ/mol at 500–600 ◦C), and XDehy the Ca(OH)2 molar conversion 
to CaO. XDehy takes a value of 0 for CaO and 1 for Ca(OH)2 considering 
that the Ca(OH)2/CaO equilibrium allows for the dehydration of the 
particles at temperatures well below TMax (being the equilibrium tem-
perature around 520 ̊C under pure H2O atmospheres [64]). 

A second energy balance, summarized in equations (8) to (10), is 
used to calculate TMax by including the Tg, out from the first energy 
balance and assuming again that Tg, in = Ts, out, representing in this case 

Tg, out =
Fg, inCpg, inTg, in + Fs, inCps, inTs, in − Fs, outCps, outTs, out +

(
ΔHCarbXCaCO3 + ΔHDehyXDehy

)
FCa

Fg, outCpg, out
(7)   
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that the heat lost by the gas is totally gained by the solids. 

(Heat gas out) − (Heat solids in) = (Heat gas max) − (Heat solids max)
(8)  

qg,out − qs,in = qg,Max − qs,Max (9)  

TMax,ave =
Fg,outCpg,outTg,out − Fs,inCps,inTs,in

FgCpg,Max − FsCps,Max
(10) 

To complete the heat balances above, the mass balances to the 
reactor need to be solved to calculate the sorbent requirements to ach-
ieve a certain CO2 capture target. When adding the reaction kinetics 
(equations (1) to (4)), the CO2 molar fraction and solids conversion 
profiles along the carbonation zone (as those qualitatively shown on the 
right-hand-side of Fig. 1) can be obtained to estimate the solids resi-
dence time and, thus, the required length of the carbonation zone 
(LCarb). To this aim, a basic 1D reactor model has been developed by 
assuming that the conditions change only in the axial direction (z), with 
the radial dispersion being negligible. Plug flow is assumed for both the 
gas and solid phases in countercurrent mode and the gas phase is 
assumed to follow the ideal gas equation. Under countercurrent mode 
the boundary conditions taken are at z = 0, CCO2 = CCO2,in and X = Xexit 
meanwhile at z = LCarb, CCO2 = CCO2, exit and X = 0. 

From the global mass balance to the CO2 (equations (11) to (14)), the 
flow of Ca solids (FCa) with a maximum carbonation conversion of 
XCaCO3 are calculated for a certain CO2 capture target (i.e. the ton of CO2 
capture per day of flue gas, Fg, with a molar fraction of CO2, vCO2, 
calculated as in equation (14)) and capture efficiency (ECarb, as in 
equation (13)). 

(mol CO2)in − (mol CO2)out = (molCO2)captured = (mol Ca)reacts (11)  

FCO2,in − FCO2,out = FCaΔXCaCO3 (12)  

ECarb = 1 −
FCO2,out

FCO2,in
(13)  

νCO2 =
FCO2

Fg
(14) 

FCO2, in and FCO2, out are the molar flow of CO2 at the inlet and outlet 
of the reactor respectively and ΔXCaCO3 the variation of the solids Ca 
conversion to CaCO3 along the reactor bed. 

The evolution of the CO2 concentration along the carbonation zone 
(z) can be calculated from the mass balance to the gas phase, 

ug
dCCO2

dz
= ρCa,p

dX
dt

(1 − εB)fCa active (15)  

where ug is the gas velocity and εB the bed porosity. Considering the 
reaction kinetics of equation (1), previous equation (15) can be 
rewritten as follows, 

ug
dCCO2, z

dz
=

3Deff CCO2,z
(
dp/2

)2
(1 − Xz)

1/3

1 − (1 − Xz)
1/3 (1 − εB)fCa active (16)  

where the solids conversion along the reactor (Xz) can be calculated as 
function of the CO2 concentration as in equation (17) by taking into 
account the mass balance of equation (12) and considering that FCO2 =

CCO2⋅ug⋅AB (being AB the cross-sectional area of the reactor). 

Xz = Xout −

(
CCO2, in − CCO2, z

)
ugAB

FCafCa active
(17) 

By substituting equation (17) on equation (16), an integral without 
analytical solution is obtained. 

∫CCO2

CCO2, in

1 −

(

1 −

(

Xout −
(CCO2, in − CCO2, z)ugAB

FCafCa active

))1
3

CCO2, z

(

1 −

(

Xout −
(CCO2, in − CCO2, z)ugAB

FCafCa active

))1
3
dCCO2, z

=

∫z=LCarb

z=0

3Deff
(
dp/2

)2ug

(1 − εB)fCa active dz (18) 

Equation (18) can be numerically solved to obtain the total 
carbonation length (LCarb) that fulfills the mass balances and the reac-
tion kinetics considering the superficial velocity of the moving solids 
and thus their residence time, as in equation (19). 

tR =
LCarb(1 − εB)AB

FCaρCa, p
(19) 

Fig. 3 shows the evolution of the CO2 molar fraction and the Ca solids 
conversion to CaCO3 along the carbonation zone. For illustrative pur-
poses, the mass balances and kinetic equations above has been solved 
also for co-current movement of the gas and solids in the carbonator 
section (i.e. by taking into account that at z = 0, CCO2 = CCO2, in and X =
0 meanwhile at z = LCarb, CCO2 = CCO2, exit and X = Xout) and assuming a 
constant temperature of 650 ̊C. As it can be seen, the countercurrent 
gas–solid contact mode proposed allows for more compact reactors 
when maximizing the capture efficiency (i.e. ECarb = 0.9). Under such 
high carbonation efficiencies, a co-current reactor about 3 times longer 
to that operated under countercurrent mode will be needed. 

3. Operational windows to maximise CO2 capture efficiencies 
and Ca-sorbent utilization 

By solving the 1D reactor model equations noted in the previous 
section it is possible to select preferred operating windows of the pro-
posed countercurrent carbonator. These, resulting from the combina-
tions of inlet temperature, CO2 concentration in the inlet gas and Ca- 
sorbent characteristics, will be governed by the need to achieve opti-
mum temperatures in the central carbonation zone. In any case, these 
should target to maximize the Ca-sorbent utilization (i.e. XCaCO3 > 0.5) 
in order to minimize space requirements as well as solid handling and 
transport cost for d-CaL applications. 

When using Ca-sorbents, the maximum CO2 carrying capacity de-
pends on first term on the reaction temperature [44,65,66]. TMax > 550 
C̊ is required to ensure fractions of active Ca material above 0.5. Con-
trary, TMax is limited by the equilibrium curve of CO2 on CaO, so that it 
cannot exceed the equilibrium temperature associated with the inlet 
CO2 content of the flue gas, being the equilibrium CO2 molar fraction 
(vCO2, eq) rapidly increased from 0.01 at 610 ̊C up to 0.08 at 750 ̊C. Thus, 
optimum carbonation temperatures should be around 600-650 ̊ C in 
order to maximize the Ca-sorbent utilization (i.e. XCaCO3 of 0.6–0.8), 
while avoiding equilibrium restrictions in the carbonation zone. 

When CaO is used as sorbent, it is well known that its CO2 carrying 
capacity decay with the number of calcination-carbonation cycles due to 
a sintering effect [67]. This is not the case for Ca(OH)2, as the intro-
duction of a hydration step reverses this effect and produces a highly 
reactive sorbent every cycle [57,68,69]. Based on this, and for d-CaL 
applications capturing CO2 from flue gases from external sources, two 
systems can be proposed in order to maximize the sorbent utilization, as 
shown in Fig. 4. On one side, and when CaO is used as sorbent, an open 
loop can be proposed (see left-hand-side of Fig. 4). This includes the use 
of freshly calcined limestone in the moving bed carbonator (i.e. from 
cycle one) and the subsequent oxy-calcination of the depleted sorbent to 
produce CO2 for storage or use and CaO for the lime or cement industry 
where, for many applications, no constrains in terms of CO2 carrying 
capacity exit. On the other side, and when using Ca(OH)2 as sorbent, the 
scheme proposed is based on a closed loop (see right-hand-side of Fig. 4) 
where the depleted sorbent can be reused by introducing hydration and 
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shaping steps to manufacture Ca(OH)2 pellets or extruded forms 
[54,70]. 

Feasible operational conditions can be found for the auto-thermally 
sustained reactor in order to ensure the optimum temperatures required 
for the carbonation. When a certain XCaCO3 is assumed, the TMax as 
calculated from the mass and heat balances, will be function of the inlet 
gas temperature and CO2 content. Thus, as the CO2 molar fraction in the 
gas decreases, Tg, in needs to be increased. Considering the heat balances 
of equations (5) to (10), optimum combinations of Tg,in and vCO2,in can 
be found, as shown in Fig. 5a for a TMax = 650 ̊C when considering a 
XCaCO3 of 0.6 and 0.8 for CaO and Ca(OH)2 respectively and ECarb = 0.9. 
Substantial differences can be found when using CaO or Ca(OH)2 as 
result from the large differences in their reaction enthalpies (i.e. of 171 

and 33 kJ/mol CO2 respectively for CaO and Ca(OH)2 at 650 C̊, with 
XDehy = 1 for Ca(OH)2 and the respective XCaCO3 above noted). As can be 
seen in Fig. 5a, vCO2, in below 0.1 and 0.18 are required when using CaO 
and Ca(OH)2, respectively. For CO2 capture applications where νCO2, in is 
moderate (i.e. νCO2, in about 0.04–0.06) as in the case of flue gases 
produced in freight transport or in natural gas combustion, Tg, in should 
be about 320-450 ̊C when using CaO as sorbent. These values increase up 
to 560–595 ◦C for Ca(OH)2. For gases with very low CO2 content (i.e. 
vCO2,in < 0.04), Tg, in approaches to TMax and also the capture efficiency 
and the effectiveness of the reactor will be reduced as vCO2, out≈vCO2, eq 
at the reference TMax of 650 ̊C, thus resulting on increasing volumes of 
reactor at the equilibrium conditions (i.e. inactive for CO2 capture). 

It must be noted that the lines represented in Fig. 5a are not 

Fig. 3. Evolution of the CO2 molar fraction (vCO2) and Ca solids conversion to CaCO3 (XCaCO3) along the dimensionless countercurrent carbonation length (ZCarb = z/ 
LCarb) for a gas–solid arrangement in countercurrent (top) and cocurrent (bottom) mode. Solved by assuming ECarb = 0.9, XCaCO3 = 0.6, νCO2, in = 0.085 and TMax 
= 650 ◦C. 

Fig. 4. Schematic representation of the two proposed d-CaL systems to maximize the utilisation of the Ca-sorbent by using fresh CaO (open loop, left) or Ca(OH)2 
obtained from the regenerated sorbent (closed loop, right). 
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restrictive for the applicability of the moving bed carbonator. For 
example, pairs of Tg, in and vCO2, in values in between the two lines of 
Fig. 5a are feasible when using Ca-sorbents prepared as a mixtures of 
CaO and Ca(OH)2. Such mixtures, with enthalpies in between 171 and 
33 kJ/mol CO2, allow for an additional freedom degree to reach TMax =

650 ̊C in a wider range of inlet gas temperature and CO2 molar fractions. 
In addition to this, and as schematically shown in Fig. 5b and c, different 
strategies can be proposed to adequate the inlet gas conditions. For 
example, for flue gases at mild temperatures and low CO2 contents (i.e. 
vCO2, in < 0.08, typical in energy efficient industrial processes) pre-
heating the inlet gas using the outlet CO2 lean flue gas in a gas–gas heat 
exchanger can be proposed (Fig. 5b) as in these cases Tg, out is of between 
530 and 600 ̊C for CaO and 460 and 620 ̊C for Ca(OH)2, accordingly to 
equation (7). For flue gases at exceeding temperatures or CO2 contents, 
the inlet flue gas can be mixed with ambient air to reduce the 

temperature of the product gas and/or to moderate the vCO2, in, as 
schematically proposed in Fig. 5c. These are just illustrative situations, 
but other integration schemes can be as well proposed in order to 
stablish adequate input gas conditions that ensure optimized operational 
conditions for the moving bed carbonator. 

Based on the sorbent average particle size and internal porosity it is 
possible to calculate the residence time required to reach 90% of its 
maximum carbonation conversion (i.e., X = 0.9 and being XCaCO3 of 0.6 
and 0.8 for CaO and Ca(OH)2 respectively) accordingly to the reactor 
model described in the previous section including the axial concentra-
tion profiles of CO2 in the gas. As shown in Fig. 6, there is a large margin 
to adapt the design of the reactor to the specific characteristic of the Ca- 
sorbent. For average dp of between 1 and 2 cm and highly porous ma-
terials (i.e. εCa about 0.6), the residence times are below 3.5 h as shown 
in Fig. 6. When using less porous materials (probably more representa-
tive of those available for large scale applications) the residence times 
increase up to values of between 2 and 13 h as shown in Fig. 6 for εCa =

0.5 in the case of CaO pebbles (i.e. as obtained from the direct calci-
nation of limestone) or 0.3 for extruded Ca(OH)2. 

Another outcome of the selection of the sorbent characteristics is the 
pressure drop along the reactor. Although in terms of reaction rates low 
particle sizes are favoured, the pressure drop per length unit sharply 
increases as dp decreases. Accordingly to the Ergun’s equation for fixed 
beds [71], pressure drops of between 0.03 and 0.01 bar/m are calculated 
for particle diameters of 1 and 2 cm (see Fig. 6) when considering typical 
gas velocities of 2 m/s and bed porosities (εB) of 0.4. 

Finally, and to exemplify the proposed countercurrent moving bed, a 
reference case has been solved to capture 90% of the CO2 present in a 3.9 
m3N/s flue gas stream with an inlet CO2 molar fraction of 0.085, which 
is about 50 tCO2/day. As discussed in Fig. 5a, Tg, in of 109 and 500 C̊ 
respectively are required to ensure a TMax = 650 ̊C when using CaO or Ca 
(OH)2 as sorbents with a XCaCO3 of 0.6 and 0.8 for CaO and Ca(OH)2 
respectively, being the outlet gas temperatures of 520 and 458 ̊C. From 
the mass balance, the solids flow rate calculated are about 106 t/day. 
When assuming εCa = 0.5 and 0.3 for respectively CaO and Ca(OH)2 and 
average dp of 1.5 cm, residence times of tR = 7.6 and 2.7 h are calculated 
(see Fig. 6). For an average gas velocity of 2 m/s at 650 ̊C (0.6 m/s at 
standard normal conditions), the calculated cross-sectional area of the 
moving bed is of 6.5 m2 and, applying equation (19), the length of the 
carbonation zone is of 5.1 and 2.0 m for CaO and Ca(OH)2 respectively, 
resulting in a pressure drop in the carbonation zone of 40–100 mbar 
accordingly to Fig. 6. 

Fig. 5. a) Temperature of the inlet gas (Tg, in) required to ensure an auto-thermal carbonation zone at TMax = 650 ̊C as a function of gas inlet CO2 molar fraction 
(vCO2, in) assuming an ECarb = 0.9 and XCaCO3 of 0.6 and 0.8 for CaO and Ca(OH)2, respectively, and XDehy = 1 for Ca(OH)2. Possible arrangements of the scheme of 
Fig. 1 to adequate the gas conditions by b) increasing Tg, in and c) decreasing Tg, in and vCO2,in. 

Fig. 6. Solids residence time (tR) and pressure drop per length unit (ΔP/LCarb) 
as function of the Ca-sorbent diameter (dp) for CaO (black lines) and Ca(OH)2 
(grey lines) of different εCa. Plots for reference cases by assuming ECarb = 0.9, 
XCaCO3 of 0.6 and 0.8 for CaO and Ca(OH)2 respectively, νCO2, in = 0.085, TMax 
= 650 ̊C, ugas, in = 2 m/s (at 650 ̊C) and εB = 0.4. 
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In the absence of more detailed designs of the overall system 
involving the reactor and the solid storage silos, we can assume with the 
carbon balance the minimum volume requirements to store Ca(OH)2 
solids in silos. Assuming a bed porosity of 0.4, an internal porosity of the 
pellets of 0.35, and a maximum carbonation conversion of 0.8 at the exit 
of the moving bed carbonator reactor, a bed of Ca(OH)2 will have a 
storage capacity of 10 kmolC/m3, which can be compared for example 
with the carbon density in a diesel tank (about 60 kmolC/m3) or a liq-
uefied natural gas tank (about 30 kmolC/m3). 

The analysis of the feasible operational windows of the proposed 
countercurrent moving bed carbonator suggests that it is possible to 
ensure high CO2 capture efficiencies using compact and highly thermal 
efficiency carbonator reactors decoupled from the sorbent regeneration. 
Further progress in these kind of reactors will be of special relevance for 
the deployment of d-CaL applications. 

4. Conclusions 

A moving bed carbonator reactor targeting for decoupled Calcium 
Looping applications has been presented as alternative to the conven-
tional fluidized or bubbling beds. The requirements in terms of thermal 
efficiency and compactness for d-CaL systems are well reached by the 
proposed countercurrent carbonator moving bed using pebbles of CaO 
and/or extruded Ca(OH)2 in the cm scale as CO2 sorbent. The feeding of 
solids at ambient temperature while ensuring an auto-thermally main-
tained carbonation zone (thanks to the preheating of the inlet gas and 
solids streams with the outlet ones in countercurrent mode) will enable 
the solids handling and transport operations required for d-CaL systems. 
The high thermal efficiency of the proposed carbonator allows to cap-
ture CO2 from a wide variety of flue gases. Although constrains in terms 
of input gas temperature and CO2 molar fraction to fulfill the heat and 
mass balances in the reactor have been found, different strategies can be 
proposed to ensure optimized carbonation temperatures around 600- 
700 ̊ C (as for example using CaO/Ca(OH)2 mixtures, preheating the 
inlet gas using the outlet CO2 lean flue gas or even diluting the flue gas). 
Such reaction temperatures will ensure a maximum sorbent utilization 
(i.e. XCaCO3 are about 0.6–0.8 when using CaO from freshly calcined 
limestone or pellets or extruded of Ca(OH)2 produced from hydrated 
CaO) as to both minimize the cost of solids handling and transport op-
erations and moderate the reactor size. In addition to this, the coun-
tercurrent operation mode also ensures compact reactor designs with 
high capture efficiencies (i.e. of 90%), being the required reactor lengths 
about 3 times smaller when compared to cocurrent mode. For Ca- 
sorbents of 1 to 2 cm of diameter, the reaction will be governed by the 
CO2 diffusion through the carbonated layer. Based on this, the reaction 
times calculated are of between 2 and 13 h for materials with modest 
porosity (i.e. 0.5 for CaO and 0.3 for Ca(OH)2) and the pressure drop per 
reactor length of between 0.01 and 0.03 bar/m when operated under 
typical gas velocities of 2 m/s. These operational conditions are in the 
range of what is standard in existing shaft kilns, what will help to scale 
up the technology. 
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[4] J. Ströhle, J. Hilz, B. Epple, Performance of the carbonator and calciner during 
long-term carbonate looping tests in a 1 MWth pilot plant, J. Environ. Chem. Eng. 8 
(2020), 103578, https://doi.org/10.1016/j.jece.2019.103578. 

[5] J.C. Abanades, B. Arias, A. Lyngfelt, T. Mattisson, D.E. Wiley, H. Li, M.T. Ho, 
E. Mangano, S. Brandani, Emerging CO2 capture systems, Int. J. Greenh. Gas 
Control. 40 (2015) 126–166, https://doi.org/10.1016/j.ijggc.2015.04.018. 

[6] I. Martínez, G. Grasa, J. Parkkinen, T. Tynjälä, T. Hyppänen, R. Murillo, M. 
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