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Supplementary Material

1. The Chemical Looping Combustion unit

A fuel reactor model was validated against expentaderesults obtained in the CLC
unit at Vienna University of Technology (TUV). Fdhis purpose, theoretical
predictions were compared to experimental resulained under 29 different

operational conditions.

Dimensions and operational conditions for the Dtiatulating Fluidised Bed Concept
(DCFB) unit at TUV are considered for both the fae air reactor (Proll et al., 2009).
Fig. A1 shows a scheme of this unit. The CLC syswmsmbines two circulating
fluidised bed reactors with direct hydraulic comneation via a loop seal. Very high
solids circulation flow rate is reached with this@concept. Table A1 shows the main
dimensions of the fuel reactor. The fuel react@ &a internal circulation of solids via a
cyclone and the internal loop seal. Steam is usdiditlize the internal loop seal, which
goes mostly to the fuel reactor. The bottom of ftked reactor is fluidized by the fuel

gas, while steam fluidizing the lower loop seal thosnters to the air reactor.
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Fig. A1l. Schematic diagram of the DCFB unit.

Table Al. Geometrical parameters of the fuel andeaictors in the DCFB unit.

Fuel reactor

Height,H, (m) 3.0
Diameter,dreac (M) 0.159
Height for inlet gas from loop sedts(m) 0.35
Height for inlet solids from loop sedf$(m) 2.0

@) Steam from internal loop seal.

@ Solids and steam from upper loop seal.

The fluid dynamics of the fuel reactor was adagtedhe characteristics of the CLC
unit, which is a Dual Circulating Fluidised Bed (BB) system. In addition, the

recirculated oxygen carrier enters to the fuel t@a2 m above the fuel inlet, where the
transport phase is dominating. This fact has imaglns on solids concentration profile

and fuel conversion in the transport phase, whielcansidered in the model.



2. Fluid dynamic model

The fuel reactor is considered to be a fluidised Werking at the turbulent regime. The
fluid dynamic model considers the gas and solide/gl inside the reactor and the gas-
solids mixing patterns in the different reactorio&g in which it can be divided. The

fluid dynamic model was described in Abad et aD1(®). A brief description of the

fluid dynamical model is now presented.

The model considers the reactor divided into twdieal zones with respect to axial
concentration and backmixing of solids, see Fig: ARa bottom or dense bed with a
high and roughly constant solids concentration; ahda freeboard or dilute region
above the dense bed, where there is a pronouna@ay de solids concentration with
height.

Emulsion phase

|:| Bubble phase

Dilute region

@ Cluster phase

Core in transport phase

[ Annulus in transport phase

Bottom bed

Fig. A2. Gas and solids distribution in the higheegy fluidised bed reactors.

Different behaviour for the solids is assumed fog tluster and the transport phases,
which affects to the reactivity of the particlesarery phase. Solids into the cluster
phase are in perfect mixing with the dense bedsé&lparticles have the same average
solids conversion in all positions inside the reacOn the contrary, solids in the
transport phase have a net flow up through the.coheis, the solids conversion

increases as the solids flow up through the core.



Special attention was paid on the inlet streamobéls to the fuel reactor coming from
the air reactor through the upper loop seal. Thisasn of solids is added to the
transport phase and modifies the solids distrilouiio the dilute region of the fuel
reactor, thus modifying the fuel conversion in thige. First, the solids concentration is
increased, as it was considered in the descrigtidhe fluid dynamic behaviour of the
reactor. Second, this stream of solids has a difteconversion than solids in the fuel

reactor because these particles are just oxidisdteiair reactor.

2.1. Fluid dynamic in the dense bed

Gas distribution and mixing between the emulsiod &nbble in the dense bed is
considered. Thus, the gas flow in the dense beshased between the emulsion and
bubble phases, with gas mixing between them cdetrdly diffusion. Solids are in the
emulsion phase, where gas flow maintains the mimnfluidizing conditions,Uny
whereas the rest of gas goes through visible babbjg and throughflowp, where
there are not solids. Thus, in terms of superfigad velocities the total gas flow, is

divided following the equation
Uy = (1_ 5b) Upn + Uyis Uy (A1)

Thus, the gas flow through the emulsion dependheriraction of volume occupied by
emulsion, i.e. (1¢), and uyn. The minimum fluidization velocityuys, is calculated

using the following correlation (Grace, 1986):

_Une Py,

Re, =/27.2 + 0.0408Ar- 27 (A2)
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g

The bubble fractiong,, depends on the expansion of the bed comparedrionom

fluidization conditions, i.e. the porosity of emols, &, and the actual porosity of the

bed, &,
5= (»3)
1l-¢,

The porosity at minimum fluidization conditions islculated with the following

equation (Broadhurst and Becker, 1975):

0 0.021
£ =0.5867) " Ar O'OZ{JJ (A4)
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whereas the bed porosity depends on the gas welfaitsing bubblesuis.

u.
E, =&~ - l-¢, A5
S s gdb( ) (A5)

dy being the bubble size, which is calculated with ¢élquation proposed by Darton et al.
(1977).

0.4 08
d, = 0.54( u, - umf) ( z+ 4\/_,%) g®? (AB)
The solids concentration can be calculated as:
Cap = P5(1- &) (A7)

The bed porosity increases with the gas velocityaufhe saturation value is reached,

&b ,sat'

495.5_4.910
AP, d

€00 = 0.5452+ (A8)

p

A higher value in the bed porosity thassa:is not allowed, and the excess of gas goes
directly to the throughflow,. So, the excess of gas in bubbles is shared betgasein
visible bubbles and throughflow defined by theaaif the visible bubble flow to the
total flow through the bubblég, calculated as

-3300d,, _
I
) g mf

Thus, the visible bubble flow is calculated as falo
Uy = W(Uy = Uy (1-3,)) (A10)

excepting for the saturation conditions, i.e. whegs < & (by eq. 5), wheray;s is

calculated by

u

:uvi sat: Sbvsat ubn (All)
215
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Onceun;, & anduy;s are knownpys is calculated with equation (Al).



2.2. Fluid dynamic in the dilute region

The dilute region is composed by the cluster plzaska transport or dispersed phase.
Both the cluster and transport phases are supesdpbut with different mixing
behaviour. The cluster phase has a strong solideniging with solids in the dense
bed, and the solids concentration in this phage/en by the decay facter

%o - _ac, (A12)
dz
a=al (A13)
u

g

The transport phase is characterized by a corellamflow structure. A net flow up of
solids goes through the core and particles backmigccurs at annulus near the reactor
walls. Solids at the annulus go until the dense bée gas flows up through the core,

which diameter just above the dense bed is cakailaith the following equation:

D. =0.87D, (A14)
The diameter of the core section is maintained temrisip to the saturation heighis;
z,,=H -6D, (A15)

Then, the diameter of the core increases from d@haration height up to reach the exit

zone of solids to cyclone.
D. =D, -0.0217H, - 2) (A16)

The solids concentration in the core section dese®avith the reactor height, and it is

calculated with the following equations:

t =—-KC Al7

dz i (AL7)

. 023 A18)
Ug = U

A direct relation between solids flow and solidsicentration in the transport phase is
given by the following equation, which considers trariation of both the gas velocity

and core section with height:

F, =G A (4 -u) (A19)



The boundary condition for differential equatiors12) and (Al17) are given by
equations (A20) and (A21), which consider the flofasolids entrained from the dense
bed to the transport phase (de Diego et al., 1888)a continuity balance of solids
between the dense bed and the dilute region. Meretlhve gas and solids flows coming
from the upper loop seal of the DCFB ui@,u.sandFs, are added to the gas stream in
the core and the transport phase, respectively.

u Re 03
o, :131.1{/3‘; g ,Og( A‘:Sj } (A20)
b Hy
CcI,Hb = Cdb, Hy Ctr,Hb (A21)
ug!HJLS = ugiHEJLS ¥ Qi:-s (A22)
=F +F (A23)

tr,Hous tr Hys S

Once the solids flow in the core section is knotke, net lateral flow of solids from the

core to annulus next the reactor wall can be cated!

@ = —ﬁ (A24)
dz dz

The boundary condition for equation (A23) is givahthe position of the exit to
cyclone. From the solid flow upward at the heighthe output, a fraction reach the
cyclone,Fs, and another fraction goes downward by the annutys . The backflow

ratio, ky, relates both flows of solids, and depends onetiteainment probability of a

particle in the exit zone (Pallarés and JohnssongR

F
L (A25)

Pent =703 for ugip < 3.07 m/s (A26)

P, =1 for Ugip > 3.07 m/s (A27)



3. Mass balances into the reactors
Mass balances for the different reacting compowamdsproducts are developed for each
phase in the dense bed and the dilute region. @tlevay for methane conversion in the

fuel reactor with the oxygen carrier is describgdte following reaction:

3 MOy (s) + CH(g) — 3MOya(s) + CO(g) + 20 (g) (A28)

H.O is considered a primary product of the methamebestion and CO is considered
as an intermediate product, which can react wigamstin gases following the forward
water-gas shift (fWGS) reaction or with the oxygerier to form CQ (Dewaele and
Froment, 1999). Subsequently, Hroduced in the WGS reaction can react with the

oxygen carrier.

CO(@) + HO(g) —» CO:(9) + 2H(9) (A29)
MxOy (s) + CO(g) = MOy (s) + CQ(9) (A30)
MxOy (s) + B (9) — MOy1(s) + 2 HO (9) (A31)

In this model the oxygen uncoupling reaction of tix¢gen carrier is also considered.
Then, gaseous oxygen is evolved from the solid erygarrier, which can react with

gaseous fuels (CHCO or B) in a homogeneous reaction.

2MOy(s) — 2MOy1(s) + Q(9) (A32)
CHi(g) + 1.5Q(g) — CO(9) + 2HO (9) (A33)
CO(g) + 05Q@(g) —» CQ(9) (A34)
Hz(g) + 05Q(g) — HO () (A35)

Mass balances are considered in the model for es@mmnpound in each phase described
in the fluid dynamic model. Mass balances are gibgnthe following differential

equations for each gas, i.e. £i€0, H, CO,, H,0O and Q in the fuel reactor:

Emulsion:

dFei d|(1-4 umCi — dFexc
)Y R NI JCH R
Bubble:

dF i d (L{/is+ ut ) Co,i — dFexc

d\t; = [ dzf }:_gbzk“(—rg,i)b’k+5bkbe(cei—cbi)+ Yorge (A37)



Dilute region:

dFdiIi d Ungn,i — 7
av [ dz ]:_59‘5 Zk“(_rgvi) +Z(_r9vi) (A38)

cl,k k tr .k

Mass balances include the main processes by whidonapound can appear or

disappear in a phase. The following processesarsidered:

a) (_E,i),-,k iIs the average reaction rate of the gdsy reactionk with the gas

concentration in the phageHeterogeneous reactions happen only in the eamulsi
phase and dilute region, i.e. where solids aregmtesn the bubble phase uniquely

homogeneous reactions are considered.

b) Diffusional gas exchange between bubbigg &nduy) and emulsioniy) in the
dense phase, which is determined by the bubblestomulgas exchange
coefficient,kye. In the dilute region, the gas mixing behavioucosisidered by the
use of a contact efficiency parameter between gdssalids.¢y.s (Furusaki et al.,
1976).

Eg—s(z) 21_07{%j (A39)

c) Bulk gas exchange between emulsion and bubblesatntain the gas flow in the
emulsion phase at minimum fluidization conditiong;, Note that, the gas suffers
from a volumetric expansion during methane conwersn the fuel reactor. So,
the excess of the gas in the emulsiBg, must move to the bubble phase to

maintain the minimum fluidization condition in teenulsion.



4. Nomenclature

Co
Cab
Cail

dl'eaCt
Ex
FeXC
Fi

gas concentration in the bubble phase (mdl/m

concentration of solids in the dense bed (Ry/m

gas concentration in the dilute region (mdym

gas concentration in the emulsion phase (nml/m

concentration of solids in the freeboard (kdym

gas concentration in the particle (mofjm

gas concentration in the particle surface (md/m

stoichiometric coefficient for fuel combustion wi® (mol fuel per mol Q)
diameter of the reactor (m)

activation energy of the kinetic constant (J/mol)

excess flow in the emulsion with respect the mimmfluidization (mol/s)
molar flow of gas (mol/s)

gravity acceleration (=9.8 nis

height of the dense bed (m)

height of the reactor (m)

mass transfer coefficient between bubble and eonijshases

average gas reaction rate of gésol m>s?
average gas reaction rate of gasthe particle (mol m s*)

average reaction rate of oxygen carrier withigasol m? s

time (s)

gas velocity (m/s)

minimum fluidization gas velocity (m/s)
velocity of solids in the core (m/s)
velocity of through flow gas (m/s)
velocity of visible bubbles (m/s)
volume (nf)

molar fraction of gas(-)

position in the axial direction (m)

Greek symbols

o

£
&ros
Poc

volumetric fraction of bubbles (-)

porosity of the bed (-)
contact efficiency between gas and solids irdihge region (-)
solids density (kg )
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