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ABSTRACT: The calcium looping technology using entrained flow
reactors seems particularly suited for integration in cement plants due
to the fine particle diameters and high gas velocities that are
characteristic of these plants. However, there is little experimental
information available in the literature on the carbonation performance
of fine CaO-based particles with a few seconds of gas/solid contact
times. In this work, the carbonation of calcium oxide has been
experimentally investigated in a 6 m long and 0.1 m internal diameter
drop tube reactor. Carbonation tests between 600 and 700 °C using
sorbents with different CO2 sorption capacities have been carried out.
The effect of the carbon dioxide and steam on the extent of the
carbonation reaction has been evaluated. The experimental results can
be described by means of a simple plug flow reactor model with a
modest axial dispersion, and they enable the determination of the
kinetics parameters for the carbonation of CaO particles in these emerging carbonator reactors.

■ INTRODUCTION

The CO2 generated during CaCO3 calcination in cement
manufacture accounts for 1.5 GtCO2/y, or almost 5% of global
anthropogenic carbon dioxide emissions. Moreover, the
combustion of fossil fuels to generate the great amount of
heat required in cement plants increases by around 60% the
CO2 emissions.1 This means that even an ideal switch to
carbon free energy carriers would only avoid about 1/3 of the
emissions from cement manufacture today. There are a limited
number of options for solving this problem: part of these
emissions can be counterbalanced by the CO2 recarbonation
reactions promoted in the manufacture of prefabricated
cement products (i.e., in a prefixed solid form).2 However, it
is likely that in order to retain the current role of cement as a
low cost bulk material, the reduction of CO2 process emissions
will have to involve CO2 capture and permanent geological
storage (CCS). CO2 capture and utilization (CCU) options
not involving a permanent storage of CO2 have proven to have
only a limited climate change mitigation potential.3

Among the different CO2 capture systems envisaged for the
cement industry,2,4 calcium looping (CaL) is a promising
technology based on the reversible carbonation reaction of
carbon dioxide with calcium oxide5 in combustion and oxy-
combustion gas environments. The most commonly consid-
ered process configuration comprises two interconnected
circulating fluidized beds.6−9 In the first reactor (i.e, the
carbonator), the carbon dioxide reacts with calcium oxide
(typically between 600 and 700 °C) to form calcium
carbonate, while the CO2-depleted flue gas is emitted into
the atmosphere. The carbonate is then regenerated in a second
reactor (i.e., the calciner), in which virtually pure carbon
dioxide (after its separation from steam) is obtained. In pure
CO2 at atmospheric pressure, temperatures above 900 °C are

needed for calcination in agreement with the CaO/CO2/
CaCO3 equilibrium.10 There has been great progress in CaL
technology over the past 15 years in process modeling, sorbent
development, and experimental testing.11−15 Moreover, this
process has recently been demonstrated in several pilot plants
up to the MW-scale.16−19

The use of the CO2-sorbent purged from the calciner (i.e.,
CaO) as feedstock in the rotary kiln for clinker production and
the high-temperature operation of CaL reactors should allow a
good integration of CaL units within cement plants.20−22

Several process configurations have been explored with
different levels of integration between the CaL systems and
the cement plants. One option is to use a standalone CaL
arrangement, which would perform in a similar way to standard
CaL postcombustion systems envisaged for decarbonizing
power plants.23−28 The main differences with a standard CaL
system lie in the higher CO2 concentration present in the flue
gas from the kiln (around 25 vol % CO2 instead of the typical
15 vol % CO2 observed in the flue gas of power plants), the
higher CO2 carrying capacity of the CaO-sorbent because of
the greater calcium carbonate makeup flows introduced into
the calciner, and the smaller particle size of the solids (typically
between 10 and 30 μm instead of 100−200 μm in fluidized
bed carbonators) to favor the subsequent production of clinker
in the kiln. In more integrated configurations, the conventional
precalciner of the cement plant is replaced by the oxy-fired
calciner of the CaL system.29−33 Meanwhile, the flue gas from
the kiln is fed into the carbonator and CO2-depleted gas is
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finally emitted, as represented in Figure 1. This oxy-fuel
calcination would avoid by its own the emission of a
considerable part of the CO2 generated during the cement
manufacture (up to 2/3 of them), but adding a carbonator
reactor enables treatment of 100% of the CO2 sources in the
cement production.
Most of the works published so far on the use of the calcium

looping technology in cement plants have been focused on
process modeling and process integration. There is little
experimental information on the performance of CaL reactors
under the characteristic conditions of cement plants. Arias et
al.34 and Hornberger et al.35 have recently investigated the
feasibility of this application using two interconnected fluidized
bed reactors at the scale of 30 kWth and 200 kWth, respectively.
However, these reactors would be unsuitable for the very fine

particle sizes (i.e., between 10 and 20 μm) required in the
cement plants to produce the clinker. Romano et al.31−33 have
proposed entrained flow reactors as the preferable reactor
choice for the operation of the integrated CaL system in a
cement plant. Moreover, this type of gas−solid contact
configuration is well-known to the cement industry, since
both the precalciner and the suspension preheaters typically
used in the cement plants operate under the entrained flow
regime.36 The high gas velocities and very short gas/solid
contact time characteristic of entrained flow reactors make it
necessary to study CaO carbonation kinetics in time scales
below 10 s. Moreover, the few studies available in the literature
on the performance of calcined raw meals as carbon dioxide
sorbents indicate that the CO2 sorption capacity can differ
significantly depending on the nature of the CaO-based

Figure 1. Basic scheme of a calcium looping system integrated in a cement plant for the capture of CO2. Only the trajectory of the Ca-based solids
is represented for the sake of simplicity.

Figure 2. Scheme of the experimental setup: (a) solids dosing system; (b) down-flow carbonator; (c) axial temperature profile achieved in the drop
tube reactor under steady state conditions.
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material,37,38 and this is a factor that has a decisive effect on the
CaO carbonation rate.39,40

To our knowledge, no previous experimental information
has been published on the carbonation of fine calcium oxide
particles with few seconds of gas/solid contact times. In this
work, an electrically heated drop tube has been used to obtain
this kind of experimental information. Tests using materials
with different sorption capacities have been carried out, in
which the effect of CO2 and steam has been evaluated. The
experimental results, which can be described with a simple plug
flow reactor model, have allowed an appropriate tuning of the
kinetics for the carbonation of CaO. This investigation should
contribute significantly to the future development of integrated
CaL systems in cement plants using entrained bed reactors.

■ EXPERIMENTAL SECTION
The carbonation experiments were carried out in a 6.2 m long
and 0.1 m internal diameter down-flow reactor (represented in
Figure 2). Several heating elements are installed along the
carbonator in order to counteract the heat loss and to maintain
a uniform axial temperature along the reaction column. Six
ovens with an individual capacity of 3 kWe are connected in
the bottom half of the carbonator, and four additional ovens,
able to supply 1.5 kWe, are installed in the upper 2.4 m of the
tube. Each oven is connected to independent controllers in
order to allow the temperature profile to be adjusted
independently in each zone of the reactor. The evolution of
the temperature is measured by seven K-type thermocouples
located along the reactor.
The particles of the sorbent are injected at the top of the

carbonator and move downward together with the gas (a
mixture of air−CO2 and steam in some experiments). The
solids feeding system comprises a cylindrical perpex pipe (0.03
m i.d.) containing a bed of the solids to be fed into the system.
A flow of air (of about 1.7 N m3/h) coming from a compressor
and regulated by a mass-flow controller is fed into the perpex
pipe acting as solids carrier. The bed is penetrated by a thinner
metallic tube that is used to drain the solids from the bed as
the tip of the pipe moves downward. This downward
movement is achieved by connecting the metallic tube to an
electric motor equipped with a speed variator to control the
motion (see Figure 2) of a shaft connected to the motor. In a
typical experiment, a batch of between 150 and 450 g of
calcined CaO-based material (depending on the bulk density
of the solid) is loaded into the perpex cylinder. The flow rate of
solids is proportional to the vertical displacement velocity of
the drainage tube. The maximum rate of displacement is 5.6
m/h, which allows solids flow rates of up to 8 kg/h in our
current setup. Furthermore, a vibration device attached to the
cylinder ensures a uniform discharge of the solids.
The simulated flue gas for the carbonation is a mixture

composed of air, CO2, and steam (when relevant), which is
preheated at temperatures of around 250−300 °C. Air is
supplied by a blower with a maximum capacity of 90 N m3/h.
The carbon dioxide comes from a liquid Dewar flask. The
flows of air and CO2 are regulated using mass flow controllers.
A steam generator can provide a continuous flow of up to 2.5
N m3/h. The total flow rate of reactive gases varies between 2.8
and 15 N m3/h. During the experiments the composition of
CO2 is measured at two different heights (i.e., at 2.4 and 5.4 m
from the solids injection point, as can be seen in Figure 2).
Two gas analysers (ABB EL3020 and ABB AO2000) equipped
with an infrared photometer analyzer module (URAS26) are

used for this purpose. Particulate filters and gas dryers are
placed in each sampling port to protect the analyzers from the
fines and moisture. All the measurements obtained from the
pressure transducers, thermocouples, mass flow controllers,
and gas analysers are collected in a data logger.
The objective in the tests is to operate with a well-known

flow pattern of solids and gas in the experimental set up so that
kinetic information can be derived accurately from the results.
Ideally, the velocity of the solids throughout the reactor should
be given by the velocity of the gas because the experiments
were carried out with very low solids loadings, in which fine
particles of around 50 μm (detailed below) and terminal
velocities of about 0.05 m/s were suspended in gas circulating
at velocities between 0.5 and 2 m/s. Preliminary residence time
distribution (RTD) experiments with a tracer were carried out
to characterize the gas flow patterns. Furthermore, all the
experiments were conducted under differential conditions with
respect to the gas in order to facilitate the data analysis and the
scalability of the results. This means that only modest
variations in the CO2 content in the gas during the carbonation
tests were obtained so that the sorbent particles ideally
experienced along the reactor a very similar, controlled, and
measured reaction environment.
Five sorbents derived from calcined high-purity limestones

and raw meal with CO2 carrying capacities (Xave) of between
0.17 and 0.67 were tested. The main characteristics of the
solids are listed in Table 1. The CO2 carrying capacity of the

samples was obtained by means of thermogravimetric analyses
following a standard procedure (i.e., carbonation conditions: T
= 650 °C, pCO2 = 0.10, sample weight = 20 mg, reaction time =
10 min).36

Lime 1 and lime 3 were obtained by calcining commercial
limestones composed of almost 100 wt % of CaCO3 under air
firing conditions in experiments carried out in the 30 kW pilot
described by Arias et al.34 Lime 1 shows an average CO2
carrying capacity of 0.42, which is a quite representative value
of the activity of the raw meals.38 The Xave of lime 3 is lower
(0.32) because this solid corresponds to a mixture of different
purges obtained from CO2 capture tests carried out in the 30
kWth pilot facility. Lime 2 was produced by calcining a highly
pure limestone using a muffle at low temperature (700 °C) for
48 h in order to obtain a sorbent with high activity (i.e., Xave =
0.67). Lime 4 was produced by calcining a deactivated calcium-
based material from early experiments,34 giving rise to a solid
with a low CO2 carrying capacity (i.e., Xave = 0.17). Only lime
1 and lime 2 come from the same parent limestone. Finally,
calcined raw meal corresponds to a calcined raw meal supplied
by a cement plant (Xave = 0.19), which is known to contain a
substantial fraction of calcium already converted to silicates
(i.e., belite) as a result of which it has a modest carrying
capacity.38

Table 1. Main Properties of the Sorbents Used during the
Carbonation Tests

material
Xave

(mol CO2/mol Ca)
average particle diameter

(μm)

lime 1 0.42 50
lime 2 0.67 50
lime 3 0.32 48
lime 4 0.17 53
calcined raw meal 0.19 51

Industrial & Engineering Chemistry Research Article

DOI: 10.1021/acs.iecr.8b02918
Ind. Eng. Chem. Res. 2018, 57, 13372−13380

13374

http://dx.doi.org/10.1021/acs.iecr.8b02918


All the solids show a similar particle size distribution (see
Figure 3) with average diameters of around 50 μm (Table 1).
This value is slightly higher than the typical particle size (lower
than 20 μm) handled in the cement plants41 but still within
normal values typical of industrial plants (the calcined raw
meal is “as received” from an operating cement plant in Spain).
As a result of a meticulous previous study to configure a
suitable solids feeding system, it was observed that particles of
between 20 and 40 μm tended to agglomerate during the
feeding tests, giving rise to pulse inputs of solids instead of
stable flows. Around 50 μm was finally the minimum particle
size that allowed a continuous and controlled flow of solids to
be fed into the drop tube.
A wide range of operating conditions was tested in the drop

tube reactor (see Table 2). Short solids/gas contact times, low

solids/gas ratios, inlet CO2 and steam content of up to 30 vol
% and 25 vol %, respectively, were used taking into account the
limited length of the drop tube.

■ RESULTS AND DISCUSSION
In order to facilitate the interpretation of experimental results
during the carbonation experiments, it is important to estimate
accurately the gas−solid contact times in the drop tube reactor.
Therefore, an initial analysis of the gas flow pattern in the
reactor was carried out. Residence time distribution (RTD)
tests were conducted to characterize deviations from the plug
flow for the gas, in the form of axial dispersion coefficients
under the experimental conditions chosen in this work. The
experiments were performed with an average temperature in
the drop tube reactor of around 650 °C. A total gas flow of
about 7.3 N m3/h (i.e., a gas velocity of 0.7 m/s) was injected
into the drop tube. The gas flow behavior was studied by
means of rapid changes in the CO2 content (i.e., step tracer

tests) from 18.5 to 12.5 vol % at the reactor inlet (CO2 was
diluted by injecting additional air in the feed).
The differential mass balance in the drop tube without any

chemical reaction is represented by eq 1, where tr is the
residence time of the gas, u is the gas velocity, and D is the
dispersion coefficient.42 The extent of the axial dispersion is

given by the dispersion number ( )D
uL

.
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The variance (σ), which is obtained from the age distribution
curve, is related to the dispersion number by means of eq 2 (in
closed vessels).43
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Equations 1 and 2 need to be applied not only to the reactor
but to the gas conducts taking gas samples to the measuring
cells in analyzers 1 and 2. For a low dispersion number (i.e., D

uL
< 0.01), the variance of a system composed of several
recipients connected in series (i.e., reactor−analyzer line−
analyzer) can be obtained from the sum of the variances of
each individual component.42 Therefore, the variance of the
drop tube reactor can be calculated from eq 3.

σ σ σ= −+ + +reactor
2

reactor analyzer line analyzer
2

analyzer line analyzer
2

(3)

The dispersion number of the complete system (system I)
was estimated by injecting a step tracer at the solids injection
point (see Figure 2b). The variation of the concentration of
CO2 at the reactor exit was recorded by the analyzer, and the
dispersion number was calculated by means of eq 2. The same
methodology was followed to calculate the dispersion only
caused by the analyzer and the pipeline that connects the
reactor and the analyzer (system II). In this case, the sudden
change in the concentration of CO2 was made by using a
switching valve system connected to the exit of the reactor (or
to the “gas to analyzer” pipes in Figure 2).
The experimental and theoretical F(t) curves obtained

during the step tracer tests are represented in Figure 4. The

dispersion number ( )D
uL

of the reactor derived from the

experimental results has a value of 0.029, which signifies a
moderate dispersion, and the dispersion coefficient (D) for the
conditions of the RTD tests was found to be 0.13 m2/s. These

Figure 3. Particle size distributions of CaO-based sorbents used during the carbonation tests: (a) lime 1; (b) calcined raw meal.

Table 2. Operating Conditions Tested during the
Carbonation Tests

carbonator temp (°C) Tcarb 590−720
carbonator inlet velocity (m/s) ucarb 0.5−2.0
inlet CO2 volume fraction to the carbonator νCO2 0.05−0.30
inlet steam volume fraction to the carbonator νH2O 0−0.25
maximum CO2 carrying capacity (mol CO2/mol Ca) Xave 0.15−0.70
solids flow rate (kg/h) ṁ 0.3−8.0
average particle size of the sorbents used (μm) dp50 48−53
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values are close to those obtained by using the correlation
developed by Levenspiel44 to describe the dispersion of fluids
through pipes (i.e., D

uL
= 0.037, D = 0.16 m2/s).

Figure 5 shows the predicted F(t) curve obtained after a step

input in the drop tube with a dispersion number ( )D
uL

of 0.029

and the resulting E curve (dF/dt vs the normalized residence
time, θ), which represents the expected spread of the outlet
signal after a pulse inlet. As can be seen, due to the moderate
dispersion existing in the reactor, the real residence time of the
gas is slightly lower than the tr obtained directly from the gas
velocity and the reactor length (tr,real = 0.92tr,calculated). This
result has been taken into account in the kinetic study detailed
below.
To carry out the carbonation tests, the drop tube reactor was

previously heated up to temperatures of around 650 °C.
Relatively uniform temperatures between 615 and 700 °C are
achieved between 2.4 and 5.4 m, as can be seen in Figure 2c.
However, the upper part of the reactor shows significantly
lower temperatures due to the injection of the sorbent/air
mixture at ambient temperature and the feed of the synthetic
flue gas at around 270 °C. Since the carbonation of the CaO-
based particles is too low at these temperatures and the
optimal degree of gas/solid mixing might not have been
achieved, it has been assumed that the reaction zone begins 2.4
m below the preheated flue gas injection point (i. e., the

carbonation zone is assumed to be 3 m long). Assuming that
the particles circulate at the same velocity of the gas, the
residence time is calculated taking into account the gas flow
rate and an effective reactor length of 3 m. The extent of
carbonation reaction is obtained from the measurement of the
CO2 content in the gas between the reactor points located at
2.4 and 5.4 m.
The evolution of the CO2 content during a typical

carbonation test is represented in Figure 6, where CO2in

corresponds to the concentration of CO2 in the inlet gas and
CO2out is the concentration of CO2 measured at 2.4 m and at
5.4 m below the injection point, respectively. During the first 5
min (period 1), the mixture of air, CO2, and steam (when
relevant) is fed into the carbonator. In this period, the sorbent
is not injected into the reactor, and therefore, the
concentration of CO2 measured at every point along the
tube is the same. During period 2, the carrier gas is introduced
into the system, which slightly dilutes the CO2 content
measured inside the reactor (from the initial 7 vol % to 5.5 vol
% CO2 in this particular case). Once the experimental
conditions along the reactor are stable, a constant flow of
sorbent is injected into the drop tube (period 3) and the
carbonation reaction takes place. After a short transition period
of around 2 min, the concentration of CO2 at each measure
point achieves a relatively constant value (i.e., of about 5.1 and
4.7 vol % CO2 at 2.4 and 5.4 m, respectively, in this specific

Figure 4. Experimental and theoretical F(t) curves obtained during
the step tracer tests. System I is composed of reactor, pipeline
downstream, and analyzer. System II is composed of a tube without
dispersion, the pipeline downstream, and analyzer .

Figure 5. Predicted spread of the F curve in the reactor for a step input (left); predicted spread of the E curve in the reactor for a pulse input
(right).

Figure 6. Representation of the evolution of the CO2 measurements
during a typical carbonation test in the drop tube (sorbent, lime 1;
average carbonator temperature, 670 °C; ug, 0.9 m/s; solids feed rate,
3.2 kg/h).
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case). The feeding of solids is stopped in period 4, and as a
consequence, the CO2 measured in the carbonator increases
until it reaches the value measured during period 2. There is
also a transition period, during which the increase in CO2
content is relatively slow. This phenomenon is attributed to
the relatively slow carbonation of the sorbent particles
accumulated in the filters installed in the gas sampling ports
(reaction limited by the low flow of gas directed to the
analysers, i.e., 1Nl/min containing less than 5.5 vol % of CO2).
It must be noted that the residual carbonation carried out in
the filters has been discounted from the CO2 measurements to
calculate the CO2 captured in the carbonator. The amount of
CO2 captured by the particles accumulated in the filters was
calculated from the difference between the flow rate of CO2
measured when these solids approached total carbonation (i.e.,
when the initial CO2 concentration was reached, t = 16:20 in
Figure 6) and the flow rate of CO2 corresponding to the point
rapidly achieved when the feeding of solids was switched off (t
= 16:16 in Figure 6). In the last stages of the experiment
(period 4 and period 5), it is important to check that the initial
concentration of CO2 with and without solids supply has been
recovered in order to verify that there has not been any
additional air infiltration in the lines of the CO2 analyzers.
The extent of the carbonation reaction has been calculated

from the measurement of the CO2 concentration in the gas
phase according to the following mass balance:

− = −F F F X X( )CO2in CO2out Ca carb calc (4)

where FCO2in and FCO2out are the molar flow rates of CO2 at the
inlet and at the outlet of the carbonator, respectively, FCa is the
molar flow of CaO, and (Xcarb − Xcalc) is the increment of the
carbonate content in the sorbent. Both molar flow rates of CO2
can be estimated from the inlet flows of air and CO2 and the
composition of the gas leaving the reactor. The flow of CaO is
obtained from the mass variation of the cylindrical reservoir
that contains the sorbent during the test.
A simple particle reaction model has been used to calculate

the kinetics of the carbonation reaction in the drop tube
reactor. This model assumes that the particle is converted at a
constant reaction rate until the maximum CO2 carrying
capacity (Xave) is achieved. From that point onward, the
reaction rate becomes zero.39,40 The particle reaction rate can
be calculated from eq 5 as follows:

φ ν ν= −X
t

k X
d
d

( )
reactor

s ave CO2 CO2eq
i
k
jjj

y
{
zzz

(5)

where ks is the sorbent constant reaction rate and φ is a gas−
solid contacting factor, as defined in previous works.45 The
increment of the carbonate content in the sorbent can be
calculated from the reaction time (tr), once it has been
modified to take into account the dispersion analysis, by means
of eq 6.

− =X X
X
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dcarb calc

reactor
r

i
k
jjj
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(6)

Finally, eq 7 is obtained from the combination of the previous
equations, where ksφ can be calculated as a fitting parameter.

φ ν ν
−

= −
F F

F
k X t( )CO2in CO2out

Ca
s ave CO2 CO2eq r

(7)

Figure 7 shows the increment of the carbonate conversion
obtained for increasing the CO2 carrying capacities (Xave)

under a reaction atmosphere with 15 vol % of CO2 and a
residence time of the gas and solids in the reaction zone of
about 3 s. As can be seen, the carbonation conversion shows a
linear growth with respect to Xave, which is in agreement with
the particle reaction model assumed in this work (eq 5). These
results demonstrate that the CO2 carrying capacity is a key
parameter for the carbonation rate regardless of the origin of
the sorbent.
Additional tests were performed with steam in the synthetic

flue gas (25 vol % H2Ov) operating with a gas and solids
residence time of around 3 s. The calcined material used in this
set of experiments was lime 1 (with Xave = 0.42). As can be
seen in Figure 8, higher values of carbonate conversion are

consistently obtained in the drop tube in the presence of
steam. The positive effect of steam on the carbonation rate of
CaO has already been reported in studies carried out in
thermogravimetric analyzers and fluidized bed reactors.46−51

The effect of the concentration of CO2 on the carbonation
reaction was also evaluated. Three different concentrations of
CO2 in the inlet gas (from 5 to 20 vol % CO2) were used for
this set of experiments with lime 1. The apparent constant
carbonation rate (ksφ) was calculated from eq 7. A value of
0.16 s−1 was obtained, which is consistent with other kinetic
rates reported in previous carbonation studies for calcium
looping fluidized-bed systems.16,45,50,52 As can be seen in

Figure 7. Evolution of the carbonation conversion in the drop tube
reactor for calcined materials with different CO2 carrying capacities
(residence time of the gas/solids, 3 s; reaction atmosphere with 15 vol
% of CO2; ug, 0.9 m/s; solid mass flow, 1.6−3.0 kg/h).

Figure 8. Effect of steam on the evolution of the carbonation
conversion in the drop tube reactor (Xave, 0.42; 15 vol % CO2; 25 vol
% H2Ov; ug, 0.7−2 m/s; solid mass flow, 1.8−3.5 kg/h).
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Figure 9, the evolution of the solids conversion follows a linear
trend for each CO2 concentration and the slopes of the

tendency lines correspond to a first reaction order, which is in
agreement with the vast majority of the studies on CaO
carbonation kinetics carried out for the ranges of temperature
and partial pressure of CO2 used in this work.15

As can be seen in Figure 10, there is reasonable agreement
between the experimental and the calculated values of solids

conversions, which might indicate that a first reaction order for
the carbonation of CaO is a realistic approach under the
experimental conditions tested in this work. However,
considering the dispersion of the results, we cannot rule out
from these experiments order of reactions lower than 1. All in
all, these kinetic parameters should contribute positively to
reactor designs of entrained bed carbonators of future CaL
systems integrated in cement plants.

■ CONCLUSIONS
The carbonation rates of fine particles from different types of
CaO precursors (i.e., high-purity limestones and raw meals)
have been studied in a drop tube reactor. When operating the
reactor with short gas−solid contact times of 1−5 s, the extent
of the carbonation conversion has been shown to be affected

by the CO2 sorption capacity, the concentration of CO2, and
the presence of steam and follows a homogeneous kinetic
model. This model is of first order with respect to CO2, and
the steam produces a positive effect on the solids conversion.
The carbonation rate is shown to be proportional to the CO2
carrying capacity of the sorbent, regardless the origin of the
calcined material. An apparent average carbonation rate of 0.16
s−1 (0.28 s−1 in the presence of steam) has been calculated for
all materials, which is similar to other kinetics rates reported in
previous carbonation studies. These results should contribute
to the future scaling up of the calcium looping technology for
the capture of CO2 in large cement plants.
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■ NOTATION
CA = tracer volume fraction (−)
D = axial dispersion coefficient (m2/s)
D
uL

= dispersion number (−)
dp = particle size (μm)
dp50 = average particle size of the sorbents used (μm)
E = output to a pulse input (s−l)
F = dimensionless output to a step input (−)
FCa = molar flow of CaO (mol/s)
FCO2,in = molar flow rate of CO2 at the inlet (mol/s)
FCO2,out = molar flow rate of CO2 at the outlet (mol/s)
ks = sorbent constant reaction rate (s−1)
L = length (m)
T = temperature (°C)
t = time (s)
Tcarb = average carbonator temperature (°C)
tr = residence time (s)
u = gas velocity (m/s)
ucarb = carbonator inlet velocity (m/s)
X = conversion (mol CO2/mol Ca)
Xave = maximum CO2 carrying capacity (mol CO2/mol Ca)
Xcalc = initial conversion (mol CO2/mol Ca)
Xcarb = final conversion (mol CO2/mol Ca)
z = length dimension (m)

Greek Symbols
θ = dimensionless time (−)
νCO2 = average CO2 volume fraction in the reactor (−)
νCO2,eq = CO2 volume fraction at the equilibrium (−)
νH2O = steam volume fraction (−)
σ2 = variance (s2)
σθ

2 = dimensionless variance (−)
φ = gas−solid contacting factor (−)

Figure 9. Effect of CO2 concentration on the sorbent conversion.
Solid lines correspond to model predictions for ksφ of 0.16 s−1; Xave,
0.42; 0 vol % H2Ov, ug, 0.5−2 m/s; solid mass flow, 1.8−3.5 kg/h.

Figure 10. Comparison between the experimental increment of solids
conversion and the calculated values assuming a first reaction order
and values of ksφ of 0.28 and 0.16 s−1 for the experiments carried out
with and without steam, respectively.
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