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ABSTRACT 

The operational limits of a commercial nickel-based catalyst under the conditions of a 

sorption-enhanced steam-methane reforming process coupled to a Ca/Cu chemical loop 

are investigated for high-purity H2 production in a cyclic operation. The performance of 

the reforming catalyst is tested by means of a high number of oxidation-reduction-

reforming cycles. After 100 oxidation-reduction cycles, this catalyst retains its 

exceptional reforming activity. The methane conversion values are close to the 

thermodynamic equilibrium under very demanding conditions: temperature between 

500 ºC - 700 ºC and mass hourly space velocity of 8.8 kgCH4 h
-1

 kgcat
-1

. After 200 

cycles, the sample shows reduction in its reforming activity in line with a lower 

dispersion of the Ni species. Sintering of Ni nanocrystals is evidenced during the 

oxidation-reduction multi-cycles. The performance of the catalyst after 200 oxidation-

reduction cycles mixed with a CaO-based CO2 sorbent is studied under optimal 

conditions calculated for the sorption-enhanced reforming process coupled to a Ca/Cu 

cycle (temperature of 650 ºC, steam/methane ratio of 4, sorbent/catalyst ratio of 4 and 

space velocity of 0.75 kgCH4 h
-1

 kgcat
-1

). Remarkably, an equilibrium value over 92 



vol.% H2 concentration is achieved, highlighting this catalyst as a promising candidate 

for the next steps of the process development. 
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1. Introduction 

Hydrogen production worldwide is currently at a rate of more than 50 million 

tonnes per year [1], and its demand for both chemical and energy industries is expected 

to increase in the medium to long term [2]. Steam-methane reforming (SMR) is the 

most commonly used process for the production of hydrogen; however, this process 

emits high levels of CO2, an average of close to 7 kgCO2 kgH2
-1

 [3], which is a by-

product of the reforming process and the additional combustion of CH4 required by the 

steam reformer. Therefore, SMR does not meet market requirements of low CO2 

emission levels and high-energy efficiency [4]. CO2 capture is currently seen as a 

promising way to decrease global CO2 emissions, and there is great interest worldwide 

in developing new CO2 capture technologies for the purpose of reducing the energy 

penalty. The sorption-enhanced steam-methane reforming (SE-SMR) process for 

hydrogen production, may fulfil this need. The concept behind this process is based on 

the use of a reforming catalyst in combination with a selective regenerable solid sorbent 

to remove CO2 in situ from the reaction zone [5]. This way, most of the 15–20% CO2 

present in the effluent gases from the SMR process can be captured. Additionally, CO2 

removal from the gas phase in the reaction zone shifts the equilibrium of the reversible 

reactions of SMR and water gas shift (WGS), enhancing hydrogen production from 

approximately 80% to 95% (dry basis) [6] based on Le Chatelier’s principle. Other 

potential advantages of SE-SMR when compared to SMR have been already pointed out 

in the literature, such as the reduction in reaction temperature, lower by-product 

formation, elimination of WGS reactor, etc. [7], which is why this process has received 

much attention over the last two decades [8, 9]. However, the SE-SMR process requires 

the addition of a sorbent regeneration stage in order to be able to perform cyclically 

once the CO2 sorbent is saturated. Accordingly, the SE-SMR process has been studied 



in different configurations, such as fixed bed under atmospheric or high pressure, and in 

fluidized and bubbling bed systems [10]. Nevertheless, combined strategies for 

hydrogen production with CO2 capture focused on reducing the associated costs and 

energy penalty are still at a very early stage of development. 

J. C. Abanades et al. [11] have developed a process that uses the well-known 

principals of SE-SMR for H2 production with CaO/CaCO3 chemical loop, coupled to a 

second Cu/CuO chemical loop that solves the problem of endothermic CaCO3 

calcination [12]. There has been an intense work in the recent years for the further 

development of the Ca/Cu looping process for H2 production and or power generation 

compiled in a recent overview by Fernandez and Abanades [13]. The initial works 

presented the conceptual design of the process [11,14] and relevant works have been 

focused on reactor modelling [7,15-17] and process integration [18-21] to demonstrate 

the implementation of the concept on large-scale H2 production process. Reaction stages 

involving Ca and Cu solids have been experimentally studied at laboratory scale [22,23] 

and simultaneous CuO reduction/CaCO3 calcination up to TRL4 [24]. The experimental 

studies on SER stage under relevant conditions of the process are currently scarce 

nevertheless high H2 production efficiencies have been corroborated for a mixture of 

CO2-sorbent with fresh or aged reforming catalyst at different mass hourly space 

velocities and pressures [25]. The basic Ca/Cu looping process consists of a sequence of 

three main reaction steps (see Figure 1), which are adiabatically carried out in fixed-bed 

reactors operating in parallel at different reaction steps to make a continuous looping 

operation feasible. Narrow and precise operating windows have been defined for the 

conceptual design of the process [7,14,15]. Accordingly, the optimal operation 

conditions calculated for the reforming stage are 650 ºC–750 ºC, 5 bar–15 bar, a steam 

to carbon ratio of 3–6 and a mass flow velocity (CH4+steam) of 3.5 kg m
-2

 s
-1

. The high 



exothermicity of Cu oxidation permits the generation of an exit gas stream at a high 

temperature of 830 
o
C to allow energy recovery [14] and the calcination reaction, 

together with the exothermic reduction of CuO, is carried out at a high temperature 

ranging between 850 ºC and 870 ºC. One of the actual challenges is to find appropriate 

materials that withstand the typical Ca/Cu process conditions and are able to work in 

multi-cyclic operation (oxidation-reduction/calcination-reforming cycles). A focus on 

the evolution of every material involved in the process in a high number of these 

multiple cycles is required before furthering the development of the technology. 

 

 

Fig. 1. H2 production Ca/Cu looping process concept from Grasa et al. [25]. 

 

With regard to catalysts applicable to the SE-SMR process coupled to a Ca/Cu 

cycle, commercial SMR catalysts developed to be applied at high temperature and 

pressure (typically 800 
o
C–900 

o
C and 15 atm–20 atm) [3] have been used successfully 

in SE-SMR processes [26-40]. In these studies, the reforming step was carried out at 

remarkably reduced temperatures and pressures (400 ºC–750 ºC and 1 atm–15 atm) [26-

40]. For the sorbent regeneration step, these studies changed temperature and reaction 

atmospheres to calcination conditions (550 ºC –1000 ºC, and steam, diluted air or inert 



gas) [8,27,36-41]. Periodical changes in the catalyst environment produce enlargement 

and reduction of molar volumes from reduced metallic Ni
0
 to oxidized NiO [10,36], 

which can negatively affect catalyst performance. Likewise, catalysts can suffer from 

carbon formation and oxidation by steam effect [42], formation of spinels [43], 

agglomeration of Ni crystallites [36], and Ni crystallite growth [37,42]. Although 

catalyst stability is a key parameter for the potential development of the process, there is 

little information regarding the effect of reforming-regeneration cycling on the activity 

of commercial catalysts for SMR [27,36-40]. In relation to the high number of cycles, 

Lysikov et al. [36] studied the influence of RedOx cycling in a pristine catalyst 

consisting of nano-sized nickel oxide with an average diameter of 5–10 nm and reported 

an increase in the active component of up to 100–200 nm after 100 cycles. Lopez-Ortiz 

and Harrison [37] reported a different increase in the Ni crystallites with regard to size 

and growth pattern depending on the regeneration temperature under an inert 

atmosphere. For the first 5 cycles the active phase presented a similar increase for both 

regeneration temperatures of 800 ºC and 950 ºC, to 25.4 nm and 26.3 nm, respectively. 

However, an additional increase occurred at 950 ºC with diameters reaching 32.2 nm in 

the 15
th

 cycle, compared to the increase in the crystallite produced by regeneration at 

800 ºC, to 27.2 nm after 25 cycles. 

The aim of the present research was to study the limits for application of a 

commercial catalyst provided by Johnson Matthey© (HiFUEL® R110) under 

conditions of SE-SMR coupled with a Ca/Cu chemical loop. The experiments were 

initially performed without sorbent to allow close monitoring of the reforming activity 

and the evolution of catalyst properties after multi-cyclic oxidation-reduction tests. To 

our knowledge, this is the first time in the literature that an evaluation has been made of 

catalyst performance during the cyclic operation of the SE-SMR process involving 



reforming-oxidation-reduction stages. The material was placed in an atmospheric fixed 

bed reactor system and endured consecutive stages of oxidation at 850 ºC under O2 rich 

atmosphere and reduction at 850 ºC with H2, in an attempt to mimic the different stages 

defined in the process under study. Catalyst performance was evaluated under different 

conditions of temperature and mass hourly space velocity (MHSV). The catalyst was 

subsequently cycled through 200 oxidation-reduction steps in order to study its SMR 

catalytic stability and its performance in a proper SE-SMR process with a sorbent. 

 

2. Experimental 

A commercial SMR Ni-based catalyst with 15.9–20.0 wt% Ni content, as 

determined by element analysis within this current study, and supported on CaAl2O4 

was supplied by Johnson Matthey, HiFUEL® R110. This solid was received in a 4-hole 

quadralobe pellet form, and was crushed and sieved to a particle size between 100 m 

and 200 m for the experiments. 

A synthetic dolomite sorbent, CaO/MgO 2:1 molar ratio, was prepared using a 

co-precipitation method starting from the corresponding nitrate precursors provided by 

Scharlab S.L. A pH of 9 was used in the precipitation step, previous to a calcination step 

performed at 875 ºC in N2 atmosphere for 2 h. The particle size range used in the 

experiments was 100 m–200 m. It presented 75 wt% CaO measured by ICP and 

evolution of its sorption capacity up to 100 carbonation-calcination cycles between 0.6 

and 0.3 g CO2 g
-1

 calcined sorbent. 

SMR experiments were carried out with different amounts of catalyst ranging 

between 0.05 g and 0.20 g mixed with 0.62 g–2.5 g SiC provided by VWR Chemicals 

BDH Prolabo (201 m average particle size). SiC was introduced to prevent dispersion 

problems and to reduce temperature changes. The sample was placed in a 300 mm 



length tubular quartz reactor, with an inner diameter of 6.8 mm and a total bed length 

ranging between 10 mm and 40 mm. The reactor was located in a cylindrical, 

electrically heated oven controlled by a PID controller and a thermocouple positioned in 

the middle of the sample. The gas mixture was measured by a set of mass flow 

controllers calibrated for CH4, H2, O2, Ar and water. The water flow was mixed with Ar 

and CH4 and evaporated in a stainless-steel pipe heated to 400 ºC by a cylindrical 

electric furnace connected to a temperature controller. Ar was introduced at the same 

molar ratio as that of the water to favour the formation of small water droplets that 

would lead to a homogeneous steam flow and faster signal stabilization. The different 

feeding mixtures were stabilized in a secondary line before passing through the reactor 

where the catalyst was placed. A pressure gauge located before the reactor provided 

reaction pressure recording. A recovery system was positioned after the reactor to 

condense water. Finally, aliquots of the outlet gas stream were analysed online using a 

quadrupole spectrometer (Omnistar, Pfeiffer Vacuum) The following masses were 

monitored: m/z =2 for H2, m/z =15 for CH4, m/z=18 for water, m/z = 28 for CO, 

m/z=32 for O2 m/z = 40 for Ar, and both m/z= 28 and 44 for CO2.  

The routine for the tests conducted at the experimental facility was as follows: 

before each reforming test, the catalyst was heated in Ar atmosphere and then reduced 

in situ for 30 min at 850 ºC with 10 vol.% H2 balanced by Ar (total flow 33.3 mlN min
-

1
). The catalytic activity of the sample was subsequently measured at 500 ºC, 550 ºC, 

600 ºC, 625 ºC, 650 ºC, 675 ºC and 700 ºC for 30 minutes each. A steam to methane 

ratio of 3 and MHSV of 2.0 kgCH4 h
-1

 kgcat
-1

 were used. Ten consecutive oxidation-

reduction cycles were then performed in situ. The samples were first oxidized for 30 

min at 850 ºC with 10 vol.% O2 balanced by Ar (total flow 33.3 mlN min
-1

), and then 

reduced under the previously mentioned reduction conditions. Finally, the reforming 



activity of the catalyst was tested again after the tenth cycle at the same temperature 

plateaus. In addition, replicate tests were performed but at different MHSVs of 4.3 

kgCH4 h
-1

 kgcat
-1

 and 8.8 kgCH4 h
-1

 kgcat
-1

. The mass balances to carbon species was 

closed in all runs above 85%. 

A TGA apparatus was used to age the catalyst to an increasing number of 

oxidation-reduction cycles. Briefly, the TGA apparatus consisted of a quartz tube with a 

suspended platinum basket that was positioned inside a furnace. The temperature and 

sample weight were continuously recorded by computer. The reacting gas mixture was 

regulated by means of mass flow controllers and fed in through the bottom of the quartz 

tube. The routine for the TGA cycling consisted of: (1) heating up to 850 ºC in N2; (2) a 

5-minute reduction stage at 850 ºC with 10 vol.% H2 balanced by N2; (3) 1 minute in N2 

atmosphere; and (4) a 5-minute oxidizing stage with 20 vol.% O2 balanced by N2. The 

reduction-oxidation routine was repeated up to 200 times. About 70 mg of the sample 

was introduced in the platinum basket in the TGA. After cycling, the sample was cooled 

down to room temperature in N2 atmosphere. 

The main properties of the fresh catalyst and sorbent were analysed by different 

characterization techniques. Particle density was measured in a Micromeritics Accupyc 

II 1340 He pycnometer. Surface area was determined by the Brunauer-Emmet-Teller 

(BET) method by adsorption/desorption of Nitrogen at -196 
o
C in a Micromeritics 

ASAP 2020. The mean pore size value was calculated by means of the BJH method 

from the adsorption branch. Hg porosimetry was used in a Quantachrome Poremaster to 

analyse sample porosity. Powder X-ray diffraction (XRD) spectroscopy was utilized to 

identify the crystalline phases present in the fresh and cycled samples, by means of a 

Bruker D8 Advance diffractometer with monochromatic Cu Kα source operated at 40 

kV and 40 mA. The experimental patterns were calibrated against a silicon standard and 



the crystalline phases were identified by matching the experimental patterns to the 

JCPDS powder diffraction file database. Scanning electron microscopy (SEM) and 

Transmission electron microscopy (TEM) were also applied to fresh and cycled samples 

in order to determine the evolution of the nickel distribution on the support with the 

cyclic operation. A Hitachi S-3400 N model coupled to a Röntec XFlash EDX and a 

JEOL-2000FXII microscope coupled to an INCA 200-X SIGHT analyser were used, 

respectively. The fresh catalyst was characterized by sequential temperature 

programmed reduction/temperature programmed oxidation (TPR/TPO) analysis. A total 

of ten cycles were carried out, allowing the evolution of catalyst reducibility with cyclic 

operation to be followed. This information can be used to estimate the content and 

nature of the reducible species present in the fresh catalyst and their evolution 

throughout the oxidation-reduction cycles. The analysis was performed in a 

PulseChemisorb 700 of Micromeritics with an initial stabilization step of 30 minutes at 

150 ºC in Ar atmosphere (30 mlN min
-1

), followed by a cooling step up to 45 ºC. At this 

temperature, the sample was stabilized for 15 min in 10 vol.% H2 balanced by Ar (30 

mlN min
-1

) before the temperature was increased at a heating rate of 10 ºC min
-1

 up to 

850 ºC. Finally, this temperature was held for 30 minutes. After a cooling step in Ar, 

TPO was carried out under the same conditions as those of the reduction stage but with 

an oxidizing atmosphere of 10 vol.% O2 in Ar. 

 

3. Results and discussion 

3.1. Physicochemical properties of fresh materials 

The textural characterization of the fresh materials is summarised in Table 1. 

Values are in the range of data previously presented in the literature [44-46].  

 



Table 1 
Main textural properties of the fresh materials. 

 Density, g cm
-3

 Porosity SBET, m
2
 g

-1
 Mean pore size, nm 

HiFUEL R110 3.4 0.41 25 14 

CaO/MgO 2:1 2.6 0.54 16 80 

 

Figure 2 shows the XRD patterns of the catalyst after an increasing number of 

oxidation-reduction-reforming cycles. The XRD pattern of the initially reduced catalyst 

at the bottom of the figure shows that the only Ni-based crystallite phase present is 

metallic Ni. The characteristic peaks of Al2O3, CaO(Al2O3)2 and CaO(Al2O3) phases 

corresponding to the support can also be observed. From this pattern, the initial Ni 

crystallite size is calculated by the Rietveld method to be 9 nm.  
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Fig. 2. XRD patterns of reduced Ni catalyst after an increasing number of oxidation-

reduction cycles. Unattributed peaks correspond to the CaO(Al2O3)2 phase present in 

the support. 

 

Some catalyst particles were analysed by SEM-EDX after an increasing number 

of oxidation-reduction-reforming cycles to determine possible morphological changes 

produced during cycling. The SEM image of the initially reduced catalyst in Figure 3.a 

shows a homogeneous Ni distribution over the support surface with only few visible 

small white spots (identified by EDX) with small grain size.  



 

 

  
 

Fig. 3. SEM images of reduced Ni catalyst after an increasing number of oxidation-

reduction cycles. a) reduced, b) 10 cycles and used, c) 100 cycles and used, d) 200 

cycles and used. 

 

Examination of the reduced catalyst by TEM (Figures 4.a and 4.b) show 

particles that consist of crystalline calcium aluminate with well-dispersed uniform Ni 

nanocrystals (black spots) in a wide distribution of sizes. 

 

a) b) 

c) d) 
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Fig. 4. Transmission electron microscopy images of Ni catalyst. a) reduced 1:100 nm, 

b) reduced 1:10 nm, c) 200 cycles and reduced 1:100 nm, d) 200 cycles and reduced 

1:10 nm. 

 

3.2. Steam-methane reforming tests 

Several experiments were performed to identify the operational limits of the 

catalyst under study. For these tests the catalyst was mixed with an inert solid in order 

to closely monitoring the reforming activity and the evolution of catalyst properties. 

First, a wide range of temperatures was studied, ranging between 500 ºC and 700 ºC. 

The evolution of H2, CH4, CO and CO2 concentrations (dry basis) in terms of the 

reforming temperature is plotted in Figure 5. Theoretical equilibrium concentrations 

calculated by means of HSC Chemistry software are also shown. It can be observed that 

Support 

Ni 

Ni 

Support 

b) a) 

c) d) 



under the conditions of 2.0 kgCH4 h
-1

 kgcat
-1

 and 10 mlN min
-1

 CH4, and a 

steam/methane ratio of 3, the experimental data are fairly close to the reaction 

equilibrium values of the four main components within the entire range of temperatures 

tested. Moreover, mass balances to carbon species are close to 95%, ensuring very low 

carbon deposition during this reaction. 

 

 

 

Fig. 5. Evolution of gas composition with reaction temperature. Space velocity 2.0 

kgCH4 h
-1

 kgcat
-1

, 10 mlN min
-1

 CH4, steam to methane molar ratio 3. Points are 

experimental values. Lines are theoretical values calculated by HSC 5.1 

 

The effect of increasing MHSV and number of oxidation-reduction cycles on 

catalyst activity was also assessed (Figure 6). The MSHV was increased twice from 2.0 

kgCH4 h
-1

 kgcat
-1

 to 4.3 kgCH4 h
-1

 kgcat
-1

, and to 8.8 kgCH4 h
-1

 kgcat
-1

, which is more 

than 10 times the optimal value calculated for a SE-SMR process coupled to a Ca/Cu 

cycle of 0.75 kgCH4 h
-1

 kgcat
-1

 [7]. In order to increase the MHSV the amount of 

catalyst and SiC used in the reaction bed was adjusted, at all times conforming to the 

plug flow criteria in the dispersion model reported by Levenspiel [47], and keeping the 

Péclet number higher than 800 [7]. At these demanding conditions, see Figure 6.a, 



comparable experimental and theoretical equilibrium methane conversion results were 

obtained in the entire range of temperatures studied. Therefore, it can be concluded that 

the experiments were carried out with an excess of fresh catalyst that can be 

successfully used under these highly demanding operational conditions.  

As previously explained, the SE-SMR process coupled to a Ca/Cu cycle 

alternates both reactants and conditions, sequentially leading to reforming, oxidation 

and calcination/reduction stages. The changes in the molar volumes associated with the 

oxidation of Ni to NiO and the further reduction to Ni could affect catalyst performance 

[10,36]. In order to determine the cyclic behaviour of the catalyst, the fresh catalyst 

sample was aged through 10 oxidation reduction cycles before studying the reforming 

reaction. Oxidation and reduction reactions were carried out in the fixed bed reactor 

system at 850 ºC under 10 vol.% O2 (balanced by Ar) and 10 vol.% H2 (balanced by 

Ar), respectively. CO2 evolution was observed during the oxidation step owing to the 

deposition of coke on the catalyst surface throughout the reforming step (0.04 wt% 

kgcoke kgcat
-1

). Figure 6.b shows the CH4 conversion versus temperature for the SMR 

reaction for the fresh and aged catalyst performed at a steam to methane molar ratio of 3 

and MHSV of 8.8 kgCH4 h
-1

 kgcat
-1

. Significantly, similar conversion values are found 

in both cases, which are very close to theoretical equilibrium values (continuous line in 

Figure 6) for the entire range of temperatures evaluated. 

 



 

 
 

Fig. 6. Experimental CH4 conversion and theoretical values obtained for Ni catalyst. 10 

mlN·min
-1

CH4, Steam to methane molar ratio 3. Points are experimental values. Lines 

are theoretical values calculated by HSC 5. a) Space velocity, b) Number of oxidation-

reduction cycles (8.8 kgCH4 h
-1

 kgcat
-1

). 

 

Finally, a higher number of cycles were carried out to establish operational 

limits of the catalyst in a SE-SMR process coupled to Ca/Cu cycle. For this purpose, the 

catalyst was aged for 100 and 200 oxidation-reduction cycles (in a TGA system) before 

testing in the SMR reaction at a MHSV of 8.8 kgCH4 h
-1

 kgcat
-1

 and temperatures 

ranging from 500 ºC to 700 ºC. The results obtained are also compiled in Figure 6.b and 



compared to thermodynamic equilibrium data. After 100 oxidation-reduction cycles, 

although this catalyst maintains exceptional SMR activity under very demanding 

conditions its catalytic performance is slightly reduced from the equilibrium at 

temperatures lower than 600 ºC. The discrepancies between the experimental and 

theoretical data indicate that there are changes in the catalytic SMR kinetics; there is a 

possible reduction in reaction rates. With an increasing number of cycles, CH4 

conversion values for the sample cycled 200 times are comparable to calculated data in 

the temperature interval ranging between 600 ºC and 700 ºC (88% of the theoretical 

value calculated for equilibrium at 700 ºC) with more relevant differences between the 

experimental and equilibrium values at reforming temperatures below 600 ºC. Thus, 

CH4 conversion at 500 ºC is only 17% of the theoretical value. The CO2 evolution 

observed in the following oxidation step corresponded to a carbon deposition on the 

catalyst surface of 0.13 wt% kgcoke kgcat
-1

. This value is slightly higher than the coke 

deposition calculated for the sample cycled 10 times. Nevertheless, both of them are 

small due to the high steam to carbon molar ratio of 3, which favours C gasification into 

CO. The structural and chemical properties of the cycled samples were determined in 

order to elucidate the causes of the decrease in catalytic activity with an increasing 

number of cycles. 

The samples of the catalysts aged at 10, 100 and 200 oxidation-reduction cycles 

were mechanically separated from the inert material after the reforming test to perform 

XRD and SEM-EDX analyses. The results are compiled in Figure 2 and 3 with analysis 

of the initially reduced sample. It can be observed that the XRD patterns in Figure 2 for 

the aged samples are very similar to those of the fresh reduced catalyst, and show the 

existence of Al2O3, Ca(Al2O3)2 and CaO(Al2O3) phases, in addition to the metallic Ni 

phase. The strong interaction of Ca with Al2O3 to generate two calcium aluminates, 



CaO(Al2O3)2 and CaOAl2O3, prevents the formation of other phases in this material like 

NiAl2O4 spinel [48]. The formation of this very stable spinel phase may be a possible 

cause of deactivation, because it is not an active phase for methane reforming [43]. The 

crystallite size of Ni was calculated by the Rietveld method, and it was observed that 

this value increased from 9 nm (reduced sample) to 16 nm (10-cycle sample), 30 nm 

(100-cycle sample), and finally grew to 55 nm for the sample when cycled 200 times. 

The larger crystallite size of the Ni particles of the sample cycled 200 times is in line 

with the slightly higher carbon deposition observed for this sample compared to that 

attained for the sample after 10 cycles. An increase in Ni crystallite size has also been 

reported previously, regardless of the nature of the catalyst, the number of cycles, or the 

reforming-regeneration conditions [8,10,36,37]. Zhao et al. [8] and García-Lario et al. 

[10] with laboratory synthesised catalysts (CaZrO3-stabilized 15 wt% Ni/CaO-CaZrO3 

bifunctional and 10 wt% NiO/NiAl2O4 catalysts) reported an increase in Ni crystallite 

size from 22.6 nm to 30.5 nm after 90 cycles, and from 117 nm to 121 nm in the first 19 

cycles, respectively. Using commercial catalysts (12 wt% NiO/CaAl4O7), Lysicov et al. 

[36] observed an increase from 5 nm to 200 nm after 100 cycles, and Lopez-Ortiz and 

Harrison [37] also reported an increase in Ni crystallite size (18 wt% NiO/Al2O3) from 

19.8 nm to 32.2 nm after 15 cycles. 

SEM micrographs of the samples cycled 10, 100 and 200 times in reduced form 

are compared to those of the reduced fresh catalyst in Figure 3. Simultaneously, EDX 

analysis determined a similar Ni content in all the catalyst samples, which is seen to be 

concentrated in the brightest spots detected in the micrographs. The micrographs show 

the usual irregular surface of the support but with an increasing number and size of 

prevalent nano-sized Ni species, which are barely observed in the fresh catalyst. This 

observation suggests a modification in the superficial organization of Ni, likely due to 



the either sintering of Ni crystallites with cyclic operation or the formation of surface 

aggregates [44]. Further examination by TEM of the catalyst cycled 200 times revealed 

considerable changes in the dispersion of the active component (Figures 4.c and 4.d). 

The initially reduced sample consists of nickel nanocrystals homogeneously distributed 

on the support. After 200 cycles, the particle size of some Ni particles increased to100–

200 nm, as previously observed for nickel catalysts under redox cycling [36]. However, 

an apparently high number of Ni crystallites on the support were also found to still 

present a small size (around 10 nm). In short, although a sintering process of the Ni 

particles is obviously taking place, the residual presence of some nickel nanoparticles of 

small size after 200 oxidation-reduction cycles could explain the remaining activity 

observed under very demanding conditions. 

To study the influence of the sintering process on catalyst reducibility, ten 

TPR/TPO cycles were performed. Figure 7 gives the data corresponding to the first 

TPR/TPO cycle of the fresh sample, as well as the profiles corresponding to the second, 

fifth and tenth cycles. In the first H2-TPR run (Figure 7.a), three main peaks are 

observed with a total H2 consumption of 67.2 cm
3
 g

-1
. The first peak at about 380 ºC is 

ascribed to the reduction of weakly bound NiO nanoparticles, commonly known as ‘free 

nickel’ [49]. Additionally, the second peak found at about 580 ºC could be attributed to 

either a bi-dimensional NiO monolayer [48] or small NiO nanoparticles with moderate 

interaction with the support. Finally, the third peak at the highest temperature of 700 ºC 

can be associated with the reduction of Ni species in notable interaction with the 

support, creating amorphous Ni-Ca-Al [48]. These species are predominant at the 

catalyst surface for the fresh sample.  

 

 

 

 



 

 
 

Fig. 7. (a) H2-TPR and (b) O2-TPO profiles of Ni catalyst. 

 

The H2 consumption calculated from the TPR, decreased from 67.2 cm
3
 g

-1
 in 

the first cycle to a fairly constant value of 61.1 ± 1 cm
3
 g

-1
. Additionally, a 

redistribution of the Ni species is observed after consecutive oxidation-reduction cycles. 

Thus, Figure 7.a shows a shift in H2 consumption towards lower temperatures between 

300 ºC and 500 ºC [48]. This fact indicates that the prevalent amorphous Ni-Ca-Al 

species are transformed into NiO species with a weaker interaction with the support that 

improves material reducibility. This result is in line with a growth in the Ni crystallite 
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size during cyclic operation, as shown by XRD, SEM and TEM, leading to more 

reducible NiO species. The TPO obtained from the sample compiled in Figure 7.b, 

shows a similar form of O2 consumption with increasing temperature for all the 

experiments with a maximum of about 400 ºC. Only a discrete increase in the amount of 

O2 consumed by the different metallic Ni species is observed (26.1 cm
3
 g

-1
 to 28.3 cm

3
 

g
-1

). It can therefore be concluded that the increment in crystallite size, which agrees 

with an increase in reducible NiO species, may have a key role in the diminishing 

performance of the catalyst, and this is particularly evident under very demanding 

conditions (high space velocity and low temperature).  

3.3. Sorption-enhanced steam-methane reforming tests 

Once the operational limits of the catalyst under SMR conditions were achieved, 

the same catalyst was tested under the optimal conditions calculated for the reforming 

stage of an SE-SMR process coupled to a Ca/Cu cycle [7,15]. A sample of the catalyst 

cycled 200 times under oxidation-reduction conditions was mixed with a CaO-based 

sorbent with a sorbent to catalyst weight ratio of 4. This optimal value was selected 

taking into account both the Ni content of the catalyst and the CO2 sorption capacity of 

the sorbent, as suggested in reference [15]. The sample bed was approximately 30 mm 

in length. The steam to methane molar ratio was increased to 4, the temperature was 

kept at 650 ºC, and more significantly, the MHSV was decreased to 0.75 kgCH4 h
-1

 

kgcat
-1

 [7]. It is well known that space velocity is a significant operational parameter in 

the SE-SMR process since it affects both the hydrogen yield and CO2 capture efficiency 

[15]. The key role of this parameter lies in the fact that carbonation is a significantly 

slower reaction than reforming [15]. Accordingly, low space velocities are required 

until more reactive CO2 sorbents are developed. Optimal pressure for this stage is 

described in the range between 5 bar and 15 bar because it favours H2 production to 



feed gas turbines for power generation, and it favours Cu oxidation, which is the 

following stage in this SE-SMR process coupled to a Ca/Cu cycle. However, the tests 

were conducted at atmospheric pressure to focus on the effect that the oxidation-

reduction cycles might have on catalyst performance. Any evidence of diminishing 

catalytic activity under these conditions would also be found to occur at higher 

pressures. Under these conditions, the Cu-based materials suitable for this process will 

act as inert material because Cu presents low WGS activity [50] and the final gas 

product composition will mainly be determined by sorbent reactivity [7,15]. Copper 

could also promote methane decomposition to accelerate carbon deposition. However, 

the high steam to carbon molar ratio would favour carbon gasification into CO. The 

introduction of the Cu solid into the reactor would affect the thermal ballast and would 

reduce the available isothermal volume of the system to allocate the sorbent. This last 

factor will shorten the duration of the H2 production stage, which will end when the 

sorbent becomes saturated. For these reasons, in order to ensure an effective test 

focused on proving the application of the highly cycled commercial Ni catalyst, the 

copper solid was not included. For comparative purposes, the catalyst cycled 200 times 

was also tested for SMR process under these new experimental conditions, see Figures 

8.a and 8.b. These results show that the system is able to reach a theoretical equilibrium 

composition between 650 ºC and 700 ºC. However, only 87% of the maximum CH4 

conversion calculated from thermodynamics is achieved (Figure 8b) at 600 ºC. 

 



  

  
 

Fig. 8. Experimental results for Ni catalyst cycled 200 times in oxidation-reduction 

stages. Space velocity 0.75 kgCH4 h
-1

 kgcat
-1

, 1.7 mlN min
-1

 CH4, steam to methane 

molar ratio 4. SMR test (a) Evolution of gas composition (b) and CH4 conversion with 

temperature. SE-SMR test at 650 ºC with a mixture sorbent to catalyst ratio of 4 

(squares) and without sorbent (circles). (c) H2 and CO2 concentration evolution and (d) 

CO and CH4 evolution with time. Points are experimental values. Lines (SE-SMR solid, 

SMR dashed) are theoretical values calculated by HSC 5.1. 

 

On the other hand, Figures 8c and 8d show the experimental results obtained in 

the micro fixed-bed reactor with the catalyst/sorbent mixture in terms of evolution of 

the product gas composition with time. For the sake of comparison, the performance of 

the catalyst at the same process conditions without sorbent is also plotted in Figures 8c 

and 8.d. When there is not sorbent present in the reaction bed, the cycled catalyst is 

notably active towards SMR and the product composition reaches stable values (circles) 

close to the theoretical equilibrium data (dashed lines). Upon 150 minutes time-on-

c) d) 

a) b) 



stream, the catalyst presents no evidences of deactivation. As seen, the experimental 

curves obtained with the mixture catalyst/sorbent present the three typical stages widely 

described in the literature for SE-SMR experiments [5]: i) pre-breakthrough, when the 

reforming, water gas shift and carbonation reactions take place at the same time; ii) 

breakthrough, when the sorbent starts to become saturated and CO2 removal starts to 

decrease until the sorbent is totally saturated and; iii) post-breakthrough, when the 

sorbent is saturated so that CO2 sorption is no longer effective and only reforming and 

water gas shift reactions take place. Figure 8 shows that the H2 concentration reaches 92 

vol.% after a time delay caused by the system dead volume. This value is in close 

agreement with equilibrium calculations. The stable composition in this period is typical 

of a pre-breakthrough step when CaO is reacting with CO2, which allows high methane 

to hydrogen conversion to produce high-purity hydrogen. The beginning of the 

breakthrough corresponds to the carbonation front of reaction reaching the end of the 

solid bed. CO2 removal efficiency decreases, thereby reducing the key role of the 

sorbent-shifting SMR and WGS reactions. From this point, CO2 concentration clearly 

increases as well as CO, while H2 concentration decreases. The second steady-state 

period of this experiment produces a H2 concentration of 77 vol.%, which is also very 

close to the theoretical equilibrium data obtained in the test without sorbent, when only 

SMR and WGS reactions take place. With regard to CH4 conversion under these 

experimental conditions, the change from pre-breakthrough to post-breakthrough is not 

important, in line with thermodynamic equilibrium data, with a CH4 conversion higher 

than 96% in both stages. By comparing results from Figure 8, it can be appreciated that 

the activity showed by the catalyst at 650 ºC was high enough for the SE-SMR stage at 

the optimal conditions selected for the process coupled to a Ca/Cu cycle. These positive 

results produced after a high number of oxidation-reduction cycles, support the use of 



this commercial Ni-based catalyst in the next development steps of the process in the 

range of optimal MHSV and steam to methane molar ratio, and in the temperature 

calculated for the process [15]. However, further experimental and theoretical research 

is needed to model the changes observed after cycling in the catalytic steam-reforming 

kinetics under more demanding conditions. Based on it, future work on reforming 

catalysts could be focused on improving the long-term reactivity in the cyclic 

application. Furthermore, it is well known that different sorbent-related factors such as 

CO2 removal and sorbent to catalyst ratio can affect the performance of these systems 

[27], and therefore the influence of these parameters need to be carefully evaluated in an 

increasing number of cycles.  

 

4. Conclusions 

Evaluation was made of the operational limits of a commercial Ni-based catalyst 

provided by Johnson Matthey© (HiFUEL® R110) under the typical conditions of 

sorption-enhanced steam-methane reforming coupled to a Ca/Cu process. The steam 

reforming activity of this material was studied under different conditions of temperature 

and MHSV, and its stability was measured after multi-cycle oxidation-reduction tests. 

After 100 oxidation-reduction cycles at 850 ºC, this catalyst showed remarkable activity 

for a wide range of temperatures between 500 ºC and 700 ºC, and MHSV between 2.0 

kgCH4 h
-1

 kgcat
-1

 and 8.8 kgCH4 h
-1

 kgcat
-1

. However, after the sample was cycled 200 

times, it already showed a significant reduction in its reforming activity under the most 

demanding conditions, and was unsuccessful in achieving the theoretical equilibrium 

values. The characterization of the catalyst by different complementary techniques after 

oxidation-reduction cycles showed a progressive increase in the mean Ni crystallite size 

from 10 nm to 55 nm, although the presence of some small Ni nanocrystallites was still 



evident. This may be linked to the partial deactivation of the catalyst. Once the 

operational limits of the catalyst were established, a mixture of the aged catalyst cycled 

200 times with a CaO-based sorbent was tested under the optimal conditions for SE-

SMR coupled to a Ca/Cu looping process. Significantly, theoretical thermodynamic 

equilibrium data were completely met and a H2 concentration of more than 92 vol.% 

was reached. These positive results demonstrate that this catalyst is a very promising 

candidate to be used in the next steps of the scale-up process. 
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