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ABSTRACT: The present work evaluates the feasibility to capture at least 85% of the CO2 emitted by an advanced supercritical
pulverized coal power plant of 800 MWe, delivering a CO2 product with a purity of 95% (dry basis) or higher, using an
adsorption-based postcombustion capture process based on carbon honeycomb monoliths regenerated by steam stripping.
Process performance has been evaluated through the dynamic simulation of the cyclic adsorption process. The fixed bed
adsorption model, which was validated against experimental results, is based on the mass, momentum, and energy conservation
equations, and it accounts for competitive adsorption between the three main flue gas components: N2, CO2, and H2O. The
evaluated TSA process meets the targets for the capture rate and product purity, with a heat duty of 3.59 MJ kg−1 CO2, which is
close to the specific reboiler duty of the benchmark amine-based absorption process. Materials and process development will lead
to lower duties. A sensitivity analysis was carried out, and it has shown that slightly faster adsorption kinetics for CO2 could drop
the specific heat duty of the process to 2.89 MJ kg−1 CO2, which is lower than that of the benchmark technology. From the
process point of view, the use of waste heat from the power plant could further reduce the energy penalty of the integrated CO2
capture process.

1. INTRODUCTION

Given the current dependency on fossil fuels, extensive use of
carbon capture and storage (CCS) technologies will play a key
role in achieving the ambitious Paris objective to limit the
temperature increase to 1.5 °C1,2. In the 2 °C scenario of the
International Energy Agency, more than half of CCS
deployment through 2050 will take place in the power
generation sector, and predominantly from coal fired power
plants (80%).2 However, up to date there are only two
postcombustion capture units installed at commercial scale in
coal power plants. These separate the CO2 present in flue gas
by chemical absorption with amine solutions, which is the
benchmark technology for postcombustion CO2 capture
(PCC). The main drawbacks of this technology are its high
energy intensity due to the need to heat a vast amount of water
to regenerate the solvent (nearly 70% by weight) and the
related emissions and corrosion problems.
Alternative separation technologies, such as adsorption-based

processes, seek to reduce the energy penalty and environmental
impact of the PCC process.3 These avoid the large amount of
water present in amine solutions, which has high specific heat
capacity, and present no toxic emissions or corrosion problems.
Moreover, adsorption processes have greater flexibility: the
capture rate and CO2 purity can be tailored by actuating over
process design and operating parameters. Adsorption is a
mature technology used at commercial scale for industrial
separations. For example, vacuum swing adsorption (VSA)
technology is being used at the Valero refinery in Port Arthur,
USA, to capture 1 Mt of CO2 annually from two steam
methane reformers; however, it is yet at demonstration stage
for PCC.

In continuous adsorptive separation processes, the adsorbent
is generally regenerated by increasing its temperature, which is
known as temperature swing adsorption (TSA), or by reducing
the pressure of the gas phase, which is known as pressure swing
adsorption (PSA). In the case of PCC, where the flue gas is at
near atmospheric pressure, PSA processes need to achieve
subatmospheric pressures during the regeneration stage and
frequently are referred to as VSA. The choice of the
regeneration mode depends on economic factors and technical
considerations. The availability of a cheap source of waste heat,
which is the case of a thermal power plant, tends to favor TSA.4

The main drawback of the application of VSA to PCC is the
high vacuum level that is required to recover sufficient CO2,
which can be expensive or even not feasible at the large scale of
PCC. On the other hand, TSA processes present the
disadvantage of the time delay imposed by the heating and
cooling steps, which a priori prevents rapid cycling and
increases the adsorbent inventory. The use of structured
adsorbents can partially circumvent this difficulty, as they
present higher thermal conductivity than particulate systems.
Moreover, the matrix of axial channels in honeycomb
monoliths reduces the overall pressure drop of the adsorber
compared to their equivalent particulate system,5 which allows
the use of higher flow rates, and in turn can reduce the
adsorbent inventory. The improved transport properties of
structured adsorbents allow their use in rapid swing adsorption
cycles that seek to maximize the separation throughput.6

Indirect heating and cooling can be used to reduce the cycle
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time and thus increase the productivity. Heating can be
performed in a two-phase heat exchanger using condensing
steam, and cooling by circulating water.7 Alternatively, a single-
phase heat exchanger can be used by selecting a thermal fluid
with adequate thermal properties.8 The thermal fluid can be
recirculated between the adsorbers, opening the path for heat
integration in a multibed TSA process.9

Most of the TSA processes reported in the literature for PCC
include an adsorption step at low temperature and a purge step
with N2 or He at higher temperature.7,9−11 However, the use of
a purge gas can reduce the purity of the CO2 product.

7,11 In the
absence of purge gas, vacuum is required to recover the CO2 in
combined VTSA cycles.8,11−13 On the other hand, the use of
vacuum increases the electricity requirements of the process
due to the vacuum pumps but also to the increased work
required for the compression of the CO2 product. One
alternative is to use CO2 as the purge gas;

14−16 however, due to
the increase in the CO2 partial pressure during the production
step, large thermal swings (≈230 °C) are required to achieve
sufficient recovery in TSA processes, which in turn require long
cycle times (>1 h) that present very low productivities.16 The
thermal swing can be reduced by using vacuum in VTSA
processes14 at the expense of increased work.15 Another
alternative is to use steam as the purge gas, as this can be
easily separated from CO2 by condensation in a later stage.15

Steam stripping, widely used in the regeneration of solvent
recovery systems that use activated carbon as the adsorbent, can
be considered a combination of TSA and displacement
desorption.4 The steam plays three main roles: it acts as a
heat source for the thermal swing due to its sensible/latent heat
plus the heat released by H2O adsorption, it enhances CO2
desorption by competitive adsorption, and it sweeps the CO2 in
the gas phase out of the adsorber. The use of steam stripping
TSA has been preliminarily evaluated to regenerate amine solid
sorbents in a dual staged fluidized bed system using an
equilibrium-based approach.17 The main advantage of fluidized
beds is their good thermal transfer properties, and its main
drawback, the sorbent attrition. The degradation of the amine
sorbents and the likely amine loses should be assessed in high
temperature steam stripping processes. The use of low
temperature steam (in combination with vacuum) has also
been proposed to regenerate activated carbon and supported
amines using fixed bed and moving bed technology.18−20 The
low pressure of the steam stripping step in Steam-Aided VSA
(SA-VSA) systems reduces the required thermal swing but, as
mentioned above for VTSA processes, increases the electricity
requirements of the process due to the consumption of the
vacuum pumps and to the increased work required to compress
the CO2 product.
The design of the adsorption process is intrinsically coupled

to the characteristics of the adsorbent selected to carry out the
separation. Carbon adsorbents present equilibrium selectivity
toward CO2 over N2 and O2 and have intrinsic hydrophobic
nature that imparts excellent performance in the humid
environments that are to be encountered in PCC applica-
tions.15,18,21−24 These materials also present high chemical,
thermal, and mechanical stability, which ensures constant
performance during cyclic operation in PCC conditions.25

Added advantages compared to competing adsorbents are ease
of regeneration, availability, and low cost. The only drawback of
carbon adsorbents is their moderate adsorption capacity toward
CO2 at the low partial pressure encountered in the flue gas of a
power plant.

This work explores the feasibility of using a steam stripping
TSA process in conjunction with carbon honeycomb monoliths
for PCC. In order to obtain high quality equilibrium data of
interest for PCC for the evaluated carbon honeycomb
monoliths, the adsorption isotherms of the main flue gas
components, i.e., N2, CO2, and H2O, were measured in
commercial adsorption apparatus. The collected data served as
a basis to model the equilibrium of adsorption of the different
species. The pure component models were later used to predict
the equilibrium of adsorption from gas mixtures by making use
of the ideal adsorbed solution (IAS) theory.26 Dynamic
adsorption tests were carried out to estimate the effective
diffusivity of the adsorbates and their temperature dependence.
A dynamic fixed bed adsorption model, based on the mass,
momentum, and energy conservation equations was built in
Aspen Adsorption and validated against experimental results.
The validated fixed bed adsorption model was then used as the
basis to build the cyclic model of the proposed TSA process,
where the thermal swing of the monolith is aided by indirect
cooling and heating, and where steam stripping is used to
recover CO2. An advanced supercritical coal power plant of 800
MWe was taken as the reference case to carry out the
performance assessment of the full scale TSA PCC process.

2. MATERIALS AND METHODS
2.1. Adsorbent. The adsorbent evaluated in the present work

consists of carbon honeycomb monoliths manufactured by MAST
Carbon International Ltd., without binder addition by carbonization
and subsequent activation of extruded phenolic resins up to near 10%
weight loss. This route provides a unique and detailed control over the
structure at the micropore and macropore levels.5 Three sizes of
monoliths were produced with a similar activation extent for different
purposes: thin monoliths with a diameter of 7.92 mm were used for
characterization, to measure pure component equilibrium adsorption
isotherms in a static adsorption apparatus, and to evaluate the dynamic
adsorption of CO2 in a thermogravimetric analyzer; a midsize
monolith, with a diameter of 1.1 cm and a length of 11.62 cm, was
used to carry out dynamic adsorption experiments with synthetic flue
gas mixtures in a lab-scale fixed bed adsorption unit; and industrial
monoliths with a diameter of 3 cm and a length of 0.7 m, were used as
basis to design and simulate the full scale PCC process by TSA. Note
that the textural properties of the evaluated monolith are given by the
activation extent, which is similar for the three monolith sizes. As the
adsorption capacity is governed by the textural properties, the
equilibrium adsorption capacity per mass of carbon monolith is also
similar for the monoliths considered.

The monoliths were characterized by adsorption of N2 and CO2 at
−196 and 0 °C, respectively. The BET surface area was determined for
comparative purposes following the method of Brunauer, Emmett and
Teller.27 The total pore volume was determined by the amount of
liquid N2 adsorbed at a relative pressure of 0.994. Micropore volumes
were determined by the Dubinin−Radushkevich method28 and the
average micropore widths by the Stoeckli-Ballerini relation.29

2.2. Equilibrium of adsorption of main flue gas components
(static measurements). The equilibrium of adsorption of pure CO2,
N2 and H2O was evaluated by static measurements carried out using
commercial adsorption apparatus. In the case of CO2 and N2, the
adsorption isotherms were measured at 0 °C, 30 °C, 50 °C, and 70 °C
and up to 120 kPa using a TriStar 3000 from Micromeritics. The
adsorption isotherms of H2O(v) were measured at 30 °C, 50 °C, and
70 °C and up to the saturation pressure using a sorption analyzer
Hydrosorb 1000 HT from Quantachrome. The samples were
outgassed under vacuum at 100 °C overnight prior to the adsorption
measurements. During analysis, the temperature of the sample cell was
controlled using a thermostatic bath circulator.

The equilibrium data of CO2 and N2 were fitted to Toth adsorption
model (eq 1) as this model is relatively simple and provides a
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satisfactory description of the experimental data. The temperature
dependence of the model is given by eq 2.30 The parameters, ns,k, bk,Tref,
τk and Qk were optimized by a nonlinear procedure to give the best fit
to the experimental adsorption isotherms, taking the Mean Squared
Error (MSE) (eq 3) as the objective function, and using 0 °C (273 K)
as the reference temperature.
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The Extended Cooperative Multimolecular Sorption (ECMMS)
isotherm (eq 4), first proposed by Rutherford to describe the
adsorption of H2O on microporous carbons,31,32 was used to model
the equilibrium of adsorption of H2O, as this is adequate to describe
the equilibrium of adsorption of H2O in the entire relative humidity
range.
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The first term of eq 4 is the ordinary form of Langmuir model,
which affinity constant (bL) has the known temperature dependence
given by eq 5. A similar van’t Hoff temperature dependence was
assumed for the other equilibrium constants, K0 and K1, as shown in
eqs 6 and 7, respectively, following the approach originally proposed
by Rutherfod.32
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The ECMMS parameters nL, bL,Tref
,QL, ns, K0,Tref

, Q0, K1,Tref
, and Q1

were fitted to minimize the MSE using 30 °C (303 K) as the reference
temperature.
The isosteric heat of adsorption of H2O, CO2, and N2 was estimated

from the experimental adsorption isotherms using the slope of the
isosteres with linear regression coefficient greater than 0.999.
2.3. Dynamic adsorption of CO2. The dynamic mass uptake

experienced by the thin monolith at atmospheric pressure when the
feed gas is switched from 100% N2 to a mixture of 10% CO2, balance
N2, at 30 °C, 50 and 70 °C, was measured in a thermogravimetric
analyzer Stare from METTLER TOLEDO. The Linear Driving Force
(LDF) approximation was used to model the experimental data: the
mass transfer coefficients (MTC) for CO2 were fitted individually for
each temperature by minimizing the MSE between the experimental
data and the integrated form of the LDF approximation, given by eq 8,
which is valid for n(t = 0) = 0 and n(t = ∞)= neq.

33
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The LDF coefficient for a honeycomb monolith with square
channels can be written as a function of the effective diffusivity, De, and
the geometrical characteristics of the monolith as given by eqs 9-11.34

= − − −
−

− − − + −

⎪

⎪

⎪

⎪

⎧
⎨
⎩

⎛
⎝⎜

⎞
⎠⎟

⎛
⎝⎜

⎞
⎠⎟

⎡
⎣⎢

⎤
⎦⎥
⎫
⎬
⎭

D
r
r

r r
r r r

r r
r

r r r r r

MTC 4 1 ( )
1

( )

1
2

( )
4
3

( ) ( )

k e k
o

i
o i

i o i

o i
o

o i o o i

,
2 2

4 4 3 3 2 2 2

(9)

π
=r

a2
i (10)

π
= + +⎜ ⎟

⎛
⎝

⎞
⎠r

t t
a r

2
2o

w w
i
2

(11)

The adsorption rate is expected to be limited by micropore or
surface diffusion, which is an activated process, where the effective
diffusivity presents the temperature dependence given by eq 12. The
preexponential value for CO2 diffusion (De0,CO2) and the activation
energy (Ea,CO2) were estimated from the intercept and the slope of the
linear regression of ln De,CO2 versus 1/T, respectively.
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2.4. Validation of the fixed bed adsorption model. Break-
through experiments were carried out with the medium size monolith
in a fixed bed adsorption unit described elsewhere.11,24,35 A feed gas
flow rate of 143 cm3 min−1 (volumetric flow rate given at Standard
Pressure and Temperature conditions, STP: 0 °C and 0.1 MPa) was
used with near 2% (by volume) of H2O, with balance gas being 98%
N2 or 84% N2 and 14%CO2, at 140 kPa. The void space between the
carbon monolith (outer diameter: 1.1 cm) and the stainless steel
adsorption column (inner diameter: 1.3 cm) was reduced by inserting
the carbon monolith in a carbon fiber sleeve (3k Torray T300) with
negligible adsorption capacity. The temperature of the monolith
during the experiments was monitored by a K type thermocouple (±1
°C) inserted between the monolith and the carbon sleeve at 4.8 cm
from the feed end. Two sets of experiments were carried out: the first
at room temperature, without temperature control, and the second
keeping the monolith at constant temperature, 50 °C, by actuating a
heating resistance coiled around the adsorption column. These
experiments differ not only in their temperature, but also in the
relative humidity of the feed gas: at room temperature, the feed is
nearly saturated with H2O (relative humidity between 83% and 90%);
however, as the adsorption temperature rises, the relative humidity of
the gas drops significantly (≈21% at 50 °C).

The breakthrough experiments were simulated using a dynamic
fixed bed adsorption model built in Aspen Adsorption V8.0, which is
constituted by the mass, momentum and energy conservation
equations, including the kinetic and the equilibrium models that are
required to fully describe the adsorption process (a summary of the
model equations can be found in the Supporting Information). The
spatial derivatives of the model were discretized using the first order
Upwind Differencing Scheme (UDS1) method, with 30 nodes. The
following assumptions were made: the channels of the monolith are
uniform, gas flow is described as plug flow with axial dispersion, radial
gradients are negligible, the nonideality of the gas phase is taken into
consideration by means of the compressibility factor, which is
calculated locally using Aspen’s physical properties package (PSRK
method), and the local pressure and gas velocity are related by the
Darcy equation, where the proportionality constant depends on the
gas viscosity and the monolith characteristics.34 The axial dispersion
coefficient was estimated locally as a function of the superficial velocity
using a correlation that takes into consideration the dimensions of the
honeycomb monolith and the molecular diffusivity.36,37 The molecular
diffusivities of the components in the gas mixture were calculated for
the feed composition and the experiment temperature using the Wilke
method38 and the Chapman-Enskog theory39 and were assumed to be
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approximately constant. A lumped resistance model based on the LDF
approximation in the solid phase was used to model the adsorption
kinetics. The overall MTC of the individual components were assumed
to be independent of loading. The MTC for CO2 was calculated using
the data obtained from the independent gravimetric tests and eqs 9-12,
the MTC for N2 was taken from the literature, based on the LDF
approximation for the diffusion of N2 in the micropores of carbon
beads,40,41 and the MTC for H2O was the only fitting parameter. IAS
theory26 was used to model the competitive adsorption between N2,
CO2, and H2O as this entails using specific adsorption models for each
adsorbate, and most of all because it has shown adequate to describe
the adsorption of synthetic flue gas mixtures on carbon adsorb-
ents.13,24,35 A detailed explanation of IAS can be found elsewhere.30

The Gibbs integral was evaluated numerically by using a quadrature
method (composite Simpson rule with 30 subintervals).
The energy balance of the model of the experimental adsorption

unit takes into consideration the enthalpy accumulation in the gas
phase, in the adsorbent and in the adsorbed phase, the compression
and the convective terms in the gas phase, the conduction in the gas
and solid phases, the heat of adsorption, the heat transfer between the
gas and the adsorbent and between the gas and the column wall, and
the heat losses to ambient air (the experimental adsorption column is
not thermally insulated). The heat of adsorption is assumed to be
constant; for N2 and CO2 this was taken from the Toth model, as in
the form considered (eqs 1 and 2) Toth model provides a constant
value for the isosteric heat of adsorption;30 in the case of H2O, the
ECMMS model does not provide a single value to describe the
isosteric heat of adsorption of H2O in the full loading range, so the
average value of the isosteric heat of adsorption of H2O, calculated
from the slope of the experimental isosteres, was used: 41.334 kJ
mol−1. The thermal conductivity of the monoliths was given by the
manufacturer: 18 W m−1 K−1; this is 3 orders of magnitude greater
than that of activated carbon packed beds.42 The specific heat capacity
of the monolith was taken as that of commercial graphite, as this is
well-characterized in the temperature range of interest for PCC.43 The
specific heat capacity of the adsorbed components was approximated
by the heat capacity of the gas and liquid phases following the
guidelines of Tien.44 The analogy between heat transfer and mass
transfer was assumed to be valid (the thermal dispersion of the gas
phase is calculated locally based on the mass axial dispersion
coefficient). The heat transfer coefficient between the gas and the
adsorbent was calculated for the feed conditions and composition
using a correlation that takes into consideration the monolith
geometry, the gas velocity and the gas properties,45,46 and is assumed
constant during the breakthrough experiments. The rest of the model
parameters used to run the simulation of the breakthrough
experiments are shown in Table 1. The carbon sleeve is assumed to
be part of the wall of the adsorption column, so the properties of the
wall were calculated from the properties of the carbon fiber and the
stainless steel taking into consideration their relative mass proportion.
2.5. PCC adsorption-based process. The PCC process by fixed

bed adsorption evaluated in the present work consists of a heat-
integrated multibed TSA process that operates with 24 adsorbers filled
with the industrial size monoliths following the cycle schedule
depicted in Figure 1, where each adsorber undergoes six consecutive
steps: (i) adsorption (A), (ii) rinse 1 (R1), (iii) rinse 2 (R2), (iv) rinse
3 (R3), (v) rinse 4 (R4), and (vi) production (P), completing a cycle
in 240 s. This configuration ensures continuous capture from flue gas
and adequate synchronization between the beds for heat integration.
The flue gas is continuously fed to 12 adsorbers that are
simultaneously in the adsorption step, while the other 12 adsorbers
are either in the rinse steps or in the production step.
Each monolith is embraced by a thin wall, out of which a thermal

fluid circulates axially to the monolith and cocurrently to the flue gas
to achieve the desired thermal swing in a short lapse of time. During
the adsorption step, the thermal fluid is fed at the flue gas temperature
to rapidly cool the monolith, which is initially hot from the
regeneration step. In order to conserve energy within the TSA
process, the hot thermal fluid that exits a bed that is at the initial stage
of the adsorption step, is used to preheat a colder bed (see Scheme 1).

Each bed is preheated during the rinse steps in order of increasing
temperature: TR1 < TR2 < TR3 < TR4, using the hot thermal fluid
coming from beds that are at different stages of the adsorption step
(the thermal fluid leaving the adsorber is hottest at the beginning of
the adsorption step but cools progressively over adsorption time; see
Scheme 1). By analogy with PSA processes, that save mechanical
energy by connecting beds which are at different pressure in pressure
equalization steps, the heat integration between the different adsorbers
of the multibed TSA process can be considered “temperature
equalization steps”.9

Scheme 2 is a simplified flow diagram of Case 1, where the black
arrows represent the flow direction of process streams in direct contact
with the monoliths, and the colored arrows represent the flow
direction of the thermal fluids in indirect contact with the monoliths.

During the adsorption step the flue gas is fed to the adsorber, which
releases a stream of decarbonized flue gas that is vented to the stack
(see Scheme 2). By the end of the adsorption step the gas phase in the
adsorber is rich in N2. In order to achieve the purity target, a heated
fraction of the CO2 product is fed to the monoliths cocurrently to the
flue gas during the rinse steps; the effluent released, which still has a
high content of N2, is vented to the stack with the decarbonized flue
gas, as shown in Scheme 2. As already described, during the rinse steps
the adsorbers are externally preheated using residual heat from the
thermal fluid. During the production step, the monoliths are indirectly
heated by circulating heating fluid at 130 °C and, at the same time,
superheated steam at 130 °C is fed countercurrently to the flue gas in
direct contact with the monoliths to recover the CO2 (see Scheme 2).
The external heating carried out during the rinse and production steps
seeks to heat the monoliths in order to avoid the condensation of
steam in the channels during the production step, and also to reduce
the amount of steam required for stripping the CO2 out of the bed
(the higher the temperature during the production step, the lower the
relative humidity and the amount of H2O adsorbed).

Two cases will be compared through process simulation to evaluate
the influence of the flue gas temperature: in Case 1, the flue gas is fed
directly to the capture unit after desulfurization, at 47 °C and 105 kPa
(see Scheme 2); in Case 2, the flue gas is cooled down to 30.78 °C
using the cooling water available within the reference power plant (see
Scheme 3). Case 1 presents the advantage of a lower thermal swing
than Case 2. On the other hand, the adsorption capacity of CO2
increases as temperature decreases, which benefits Case 2 against Case
1. In both cases, the flue gas from the reference power plant is slightly
pressurized using a blower, in order to deliver the decarbonized flue

Table 1. Model Parameters Used To Simulate the
Breakthrough Experiments Carried out in the Lab-Scale
Adsorption Unit

Parameter Value Units

Length of the monolith 0.1162 m
Diameter of the monolith 0.011 m
Free cross section of the monolith 39 %
Average channel width of the monolith 0.47 mm
Average width of the walls of the channels of the
monolith

0.28 mm

Bed density 571 kg m−3

Extra column volume 40.8 cm3

Mass transfer coefficient for H2O at 24 °C 0.0014 s−1

Mass transfer coefficient for H2O at 50 °C 0.0090 s−1

Thermal conductivity of the monolith 18 W m−1 K−1

Heat capacity of the monolith at 24 °C 714 J kg−1 K−1

Gas-wall heat transfer coefficient 3724 W m−2 K−1

Wall-ambient heat transfer coefficient 624 W m−2 K−1

Wall thickness of the adsorption column 4 mm
Density of the wall of the adsorption column 7957 kg m−3

Heat capacity of the wall of the adsorption column 504 J kg−1 K−1

Thermal conductivity of the wall of the adsorption
column

15.5 W m−1 K−1
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gas at 105 kPa to ensure its adequate dispersion in the stack (see
Schemes 2 and 3).
The low pressure steam from the reference power plant can be used

as a heat source for the capture process. However, it is not practical to
use the steam from the power plant in direct contact with the
adsorbent, as the condensate needs to be returned to the steam cycle
with high purity, which would be costly. It is preferred to build the
steam for the capture process in a skid-mounted boiler unit, as shown
in Schemes 2 and 3. The CO2 product from the TSA process is

delivered at 30.78 °C and 200 kPa to meet the compression stage
specifications. The condensate knocked out from the product (and
from the flue gas in Case 2) is used to build up the steam for the
production step (see Schemes 2 and 3). A small makeup water stream
might be necessary to account for the steam swept out of the
monoliths by the decarbonized flue gas at the beginning of the
adsorption step. To conserve energy within the TSA process, the
enthalpy of the hot product is used to preheat the feed of the boiler in
a cross heat exchanger (represented by HX in Schemes 2 and 3).

Figure 1. Cycle schedule of the evaluated TSA process.

Scheme 1. Temperature Equalization Steps of the TSA Processa

aTL represents the lowest temperature of the thermal fluid and TH the highest.

Scheme 2. Simplified Flow Diagram of Case 1
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The proposed TSA process was modeled and simulated with Aspen
Adsorption V8.0 using a cyclic model based on the experimentally
validated fixed bed adsorption model. A single bed approach was used,
as this reduces significantly the computational effort of the simulation
without losing accuracy. Moreover, due to the type of adsorbent used,
carbon monoliths, the simulations were carried out for a single
monolith. The TSA model includes a single-phase jacket heat
exchanger that embraces the monolith. The dynamic simulations of
the TSA process were carried out until the Cyclic Steady State (CSS)
convergence criteria were met: the total loading and the solid
temperature at the end of each cycle were compared to the value of the
previous cycle until their relative difference was below the established
test tolerance (0.00001). The spatial derivatives were approximated
using the USD1 method with 100 nodes, which was found to be a
good compromise between accuracy and simulation time for the
relative short adsorber considered (0.7 m). The model of the TSA
process is similar to that of the experimental fixed bed adsorption unit
except for the energy balance, which presents the following differences:
the energy balance to the wall is neglected (a thin wall of only 1 mm is
assumed to separate the monolith from the thermal fluid); the losses
to ambient air are neglected (adiabatic behavior is assumed); and the
gas exchanges heat with the thermal fluid. Average values for the heat
transfer coefficient between the gas and the adsorbent and for the
Darcy constant were calculated for every step. The overall heat transfer
coefficient between the gas phase and the thermal fluid was assumed
constant. The molecular diffusivity was calculated for the flue gas
conditions and corrected by the temperature during TSA simulation.
The temperature dependence of the heat capacities was considered.
The parameters used to run the TSA simulation can be found in Table
2. A summary of the equations of the TSA model can be found in the
Supporting Information.
The CSS results from the dynamic TSA simulations were used to

upscale the process to treat the flue gas from a 800 MWe (gross)
advanced supercritical pulverized coal-fired power plant that has been
taken as the common reference to compare different capture
technologies within the EU funded HiPerCap project.47,48 The
molar flow rate of the flue gas from the power plant, 27.22 kmol s−1

was used as basis to upscale the TSA process. The flue gas conditions
and composition used to run the TSA simulations of Case 1, shown in
Table 2, mimic the conditions of the flue gas after the desulfurization
unit,48 except for the N2 content, which for simulation purposes has
been calculated by difference (only CO2, H2O and N2 are considered
in the simulation). At this point, the flue gas from the reference power
plant would present 71.694% N2, 13.597% CO2, 10.160% H2O,
3.687% O2, 0.857% Ar, and 0.00025% SO2.

48 However, in order to

reduce the computational effort of the simulation, O2 and Ar were
assumed to present similar behavior to N2. The equilibrium of
adsorption of N2 and O2 is similar for the evaluated monoliths. The
likely dynamic adsorption behavior of N2 and O2 was checked
experimentally for other carbon adsorbents.22 The trace amount of
SO2, which can represent a problem for amine-based processes due to
poisoning, is not an issue for carbon adsorbents.25

In order to compare different capture processes, the following
process performance parameters must be considered: CO2 capture
rate, purity of the CO2 product, energy consumption and environ-
mental impact. In the cyclic TSA process evaluated in the present work
the flue gas is being continuously decarbonized. However, due to the
dynamic character of the cyclic TSA process, the instantaneous flow
rate and composition of the CO2 product and the decarbonized flue
gas fluctuates cyclically. In order to compare the performance of the
cyclic adsorption process with stationary processes, the purity of the
CO2 product and the capture rate at cyclic steady state (CSS) were
calculated on a molar basis using eqs 13 and 14, respectively. The
productivity of the cycle, defined as the net amount of CO2 out of the
process per cycle time and total mass of adsorbent, was also calculated
for comparison with other cyclic processes.
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The thermal and electricity requirements were calculated for the full
scale capture process based on the results from the dynamic
simulations at CSS using Aspen Plus software. The total heat duty
of the TSA process was calculated from the sum of the heat duty of the
boiler unit plus the heat duty of the heaters of the rinse streams and
the heating fluid. The electricity requirements were calculated from the
sum of the consumption of the flue gas blower, that of the blowers
required to deliver the product at 200 kPa to the compression train,
and that of the centrifugal pumps required to circulate the thermal
fluids. For the blowers, an isentropic efficiency of 75% was assumed

Scheme 3. Simplified Flow Diagram of Case 2
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and a mechanical efficiency of 95%; for the centrifugal pumps an
efficiency of 80% and a driver efficiency of 95%. A pressure drop of 40
kPa was assumed for the circulation of the thermal fluid, and for the
condenser, coolers, heaters, and cross heat exchanger, a pressure drop
of 3% of the inlet pressure was assumed for the gas phase. The
properties of DOWTHERM A were used for the pump calculations
and for the dynamic simulation of the TSA process, as this thermal
fluid presents low viscosity and negligible vapor pressure in the
temperature range evaluated. The cooling water requirements of the
TSA process were calculated from the sum of the requirements of

condensers and coolers, assuming that cooling water is available at
20.78 °C and returned at 30.53 °C.

3. RESULTS AND DISCUSSION
3.1. Adsorbent characterization. Table 3 summarizes the

textural parameters of the monoliths. These are microporous, as

can be seen from the comparison of the total pore volume with
the narrow micropore volume. Moderate activation pursues to
maximize the narrow micropore volume, which is responsible
for the adsorption of CO2 at low partial pressures,49−51 while
limiting the wider pore volume, which is not effective to adsorb
CO2 in PCC conditions, but it does contribute to increase the
adsorption capacity of H2O at the high relative humidity that is
encountered in the flue gas after a wet desulfurization unit. As
CO2 and H2O will compete for the adsorption sites, a lower
saturation capacity toward H2O is beneficial for CO2 capture.

3.2. Equilibrium of adsorption of the main flue gas
components. The adsorption isotherms of N2 and CO2 at 0
°C, 30 °C, 50 °C, and 70 °C up to 120 kPa are shown in Figure
2 and Figure 3, respectively, where the symbols represent the

experimental data and the solid lines the fitting given by the
Toth model. As expected, the equilibrium adsorption capacity
of pure CO2 is higher than that of N2 due to the higher
quadrupole moment of the CO2 molecule. The equilibrium
adsorption capacity for CO2 at 15 kPa and 30 °C is 1.0 mmol
g−1, which is relatively high for carbon adsorbents, being
superior than that of a commercial activated carbon used for
CO2 adsorption in cold warehouses, Norit R2030CO2 (0.9 mol
kg−1)11 or commercial carbon BPL (0.6 mol kg−1),52 although
moderate compared to other type of adsorbents, such as zeolite
13X (2.8 mol kg−1).52 Figure 2 and Figure 3 also show the
goodness of fit of the Toth model.
The optimized Toth parameters can be found in Table 4.

Table 2. Model Parameters Used To Simulate the PCC
Process by TSA

Parameter Case 1 Case 2 Units

Length of the monolith 0.7 0.7 m
Diameter of the monolith 0.03 0.03 m
Free cross section of the
monolith

43 43 %

Average channel width of
the monolith

0.7 0.7 mm

Average width of the walls
of the channels

0.35 0.35 mm

Bed density 530 530 kg m−3

Thermal conductivity of
the monolith

18 18 W m−1 K−1

Wall width between the
monolith and the
thermal fluid

1 1 mm

Overall heat transfer
coefficient

2000 2000 W m−1 K−1

Activation energy for H2O
diffusion

58594 58594 J mol−1

Effective diffusivity of H2O
at 50 °C

8.35 × 10−11 8.35 × 10−11 m2 s−1

Duration of the adsorption
step

120 120 s

Duration of the rinse R1
step

10 10 s

Duration of the rinse R2
step

10 10 s

Duration of the rinse R3
step

10 10 s

Duration of the rinse R4
step

10 10 s

Duration of the production
step

80 80 s

Temperature of steam fed
during the production
step

130 130 °C

Superficial velocity of the
feed gas at the feed end

0.36 0.36 m s−1

Superficial velocity of R1−
R3 at the feed end

0.09 0.08 m s−1

Superficial velocity of R4 at
the feed end

0.10 0.09 m s−1

Superficial velocity of
steam at the steam end

0.22 0.13 m s−1

Pressure of the feed gas 105.7 105.7 kPa
Temperature of the feed
gas

47.77 30.78 °C

Composition of
the feed gas:

N2 76.243 81.243 %

CO2 13.597 14.488 %
H2O 10.160 4.269 %

Inlet temperature of
cooling fluid (adsorption
step)

47 30.78 °C

Inlet temperature of
heating fluid (production
step)

130 130 °C

Table 3. Textural Characterization of the Carbon
Honeycomb Monoliths

value units

BET surface area 708 m2 g−1

Total pore volume 0.29 cm3 g−1

Narrow micropore volume 0.29 cm3 g−1

Average width of narrow micropores 0.57 nm

Figure 2. Goodness of fit of the Toth equilibrium model (lines) to the
experimental adsorption isotherms of N2 (symbols).
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The adsorption isotherms of H2O at 30 °C, 50 °C, and 70 °C
are shown in Figure 4, where the symbols represent the

experimental data and the solid lines the fitting given by the
ECMMS model with the fitted parameters shown in Table 5.
As can be seen from the figure, the ECMMS model represents
satisfactorily the experimental data. The isotherms present the
Type V topology characteristic of H2O adsorption on
microporous carbons, with low uptakes at low relative humidity
but significant saturation capacity at high relative humidity.
Note that the saturation capacity of H2O is relatively low
compared to that of other adsorbents, such as commercial
carbon BPL (up to 23 mol kg−1),53 or zeolite 13X (up to 17
mol kg−1).54

The equilibrium adsorption capacities of N2, CO2, and H2O
at the flue gas conditions after the desulfurization unit (47 °C;
105 kPa; 71.694% N2, 13.597% CO2, and 10.16% H2O

48) as
estimated from the pure component model fittings, are 0.26
mol kg−1, 0.65 mol kg−1, and 10.74 mol kg−1, respectively. If the
flue gas is cooled down to 30 °C, which is the case of some of
the TSA processes proposed in the literature,9,16 the
corresponding adsorption capacities increase to 0.36 mol kg−1

(+37%) for N2, 0.96 mol kg−1 (+46%) for CO2, and 10.93 mol
kg−1 (+2%) for H2O. Note that in both cases the feed is
saturated with H2O, so the adsorption capacity toward H2O is
similar. Cooling the flue gas would increase significantly the
CO2 adsorption capacity at the cost of enlarging the thermal
swing of the TSA process by 17 °C. The net impact of flue gas
cooling on process performance will be later assessed through
process simulation.
In order to avoid excessive H2O loadings which are

associated with low CO2 capture rates, superheated steam is
used for steam stripping. The expected equilibrium adsorption
capacity of pure H2O at 130 °C and 105 kPa according to the
ECMMS model is 1.43 mol kg−1 and 0.46 mol kg−1 at 150 °C.
Obviously, the use of a larger thermal swing is preferable in
terms of working capacity, but from the process point of view, it
is difficult to achieve large thermal swings in short cycle times.
The election of the temperature levels of the TSA cycle needs
to be counterbalanced with the energy demand of the process.
For example, using an adsorption temperature of 30 °C and
regenerating the adsorbent by steam stripping at 130 °C
increases the thermal swing by 20% compared to a process
working between 47 and 130 °C. However, the specific thermal
duty of the process can be globally reduced by the increase
achieved in CO2 working capacity. These two cases will be later
compared through process simulation.
The average isosteric heat of adsorption, calculated from the

slope of the isosteres, follows the order: H2O > CO2 > N2 with
values of 41.334 kJ mol−1, 27.298 kJ mol−1, and 18.207 kJ
mol−1, respectively. Note that the values for N2 and CO2 are
close to the isosteric heat of adsorption given by the Toth
model (see Q in Table 4). The average isosteric heat of
adsorption of H2O lies between the values of QL, Q0, and Q1 of
the ECMMS model (see Table 5), being closer to Q1, which is
similar to the heat of condensation of H2O in the temperature
range evaluated.55 The heats of adsorption of CO2 and H2O on
the carbon monolith are lower than those of hydrophilic
adsorbents such as zeolite 13X (34−40 kJ mol−1 CO2

56,57 and
52−62 kJ mol−1 H2O

56,58), which means that the carbon
monoliths are easier to regenerate through TSA operation.

3.3. Dynamic adsorption of CO2. Figure 5a shows the
dynamic mass uptake experienced by the thin carbon
honeycomb monolith in a thermogravimetric analyzer at

Figure 3. Goodness of fit of the Toth equilibrium model (lines) to the
experimental adsorption isotherms of CO2 (symbols).

Table 4. Optimal Toth Parameters for the Adsorption of
CO2 and N2 on the Carbon Monoliths

CO2 N2

ns (mol kg
−1) 7.1439 3.6621

b0 °C (kPa−1) 0.0735 0.0036
τ 0.5076 0.7149
Q (J mol−1) 27011 18059

Figure 4. Goodness of fit of the ECMMS equilibrium model (lines) to
the experimental adsorption isotherms of H2O (symbols).

Table 5. Optimal ECMMS Parameters for the Adsorption of
H2O on the Carbon Monoliths

Parameter Optimal value

nL (mol kg−1) 0.8411
bL (kPa

−1) 1.0796
QL (J mol−1) 47399
nμs (mol kg−1) 10.1778
K0 (kPa

−1) 0.0027
Q0 (J mol−1) 34323
K1 (kPa

−1) 0.4835
Q1 (J mol−1) 43085
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atmospheric pressure when the feed gas is switched from 100%
N2 to a mixture of 10% CO2, balance N2, at 30 °C, 50 °C and
70 °C. The symbols represent the experimental data and the
solid lines the fitting given by the LDF model. As can be seen
from the figure, the model gives a satisfactory description of the
experimental curves. The Arrhenius plot of the logarithm of the
effective diffusivities for CO2, calculated from the optimal LDF
rate constants using eq 9, versus the inverse of absolute
temperature, is shown in Figure 5b. The activation energy for
CO2 diffusion, calculated from the slope of the linear regression
is 12.618 kJ mol−1, which represents nearly half of the isosteric
heat of adsorption of CO2, which is within the expected trend:
Q/3 < Ea < Q.30 The pre-exponential factor for CO2 diffusivity,
also obtained from the linear regression, is shown in Table 6.
These parameters will be later used as independent inputs of
the fixed bed adsorption model.

3.4. Validation of the fixed bed adsorption model.
Figure 6 represents the transient response of the midsize
monolith to a step change in the feed composition from 100%
N2 to 2% H2O, with the balance being N2, at room
temperature. The symbols represent the experimental data
and the solid lines the fitting given by the fixed bed adsorption
model. The breakthrough curve of H2O presents the expected
behavior for a nearly saturated feed: two step uptake zones
separated by a turning point which reflects the equilibrium
behavior of H2O observed in Figure 4. Note that it takes nearly
24 h to saturate the monolith due to the high adsorption
capacity of H2O at the high relative humidity of the feed gas.
The temperature of the monolith changed little during the
experiment (ΔT ≤ 2 °C): the heat released by the exothermic
adsorption of H2O has time to dissipate into the surrounding
air. The maximum temperature is reached after 500 min.
As can be seen from Figure 6, the model gives a fair

description of the H2O breakthrough curve and the adsorbent
temperature history during the first 600 min of the experiment.
However, the model predicts that the monolith becomes
saturated in lesser time, which is accompanied by rise in its
temperature at 800 min. The stoichiometric time of the
simulated curve is given by the multicomponent equilibrium
model, which takes into account competitive adsorption. This

Figure 5. (a) Goodness of fit of the LDF model (lines) to the experimental mass uptake of CO2 (symbols); (b) Arrhenius plot of the fitted
diffusivities.

Table 6. Diffusivity Parameters for the Dynamic Adsorption
of CO2 on the Carbon Monoliths

Parameter Optimal value

De0,CO2 (m
2 s−1) 9.52 × 10−8

Ea (J mol
−1) 12618

Figure 6. Validation of the dynamic adsorption model against the experimental response of the midsize monolith to a step change in the feed
composition from 100% N2 to 2% H2O, balance N2: (a) H2O breakthrough curve; (b) temperature history of the monolith at 4.8 cm from the feed
end.
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predicts a reduction in the H2O adsorption capacity of 8%
compared to the pure component model (ECMMS) due to the
high partial pressure of N2 in the gas phase. Apparently, the
model slightly overestimates the impact of N2 on H2O
adsorption. In fact, the amount of H2O adsorbed during the
breakthrough experiment, estimated making a mass balance to
the adsorber, is only 1% lower than that predicted by the
ECMMS model. In a previous study carried out with a granular
activated carbon under similar operating conditions, the
reduction predicted by the multicomponent model was only
2%, which was in better agreement with the experimental
results.24

Figure 7 represents the transient response of the midsize
monolith to a step change in the feed composition from 100%

N2 to 2% H2O and 14% CO2, with the balance being N2, at 50
°C. Note that the breakthrough curve of H2O presents a single
step followed by a plateau, which is characteristic of favorable
equilibrium (the relative humidity of the feed at 50 °C
corresponds to the Langmuir term of the composite adsorption
isotherm). Note as well that at 50 °C, the monolith reaches
equilibrium with the feed gas in less than 200 min, feeding the
same flow rate of H2O as at room temperature, due to the
lower H2O adsorption capacity at the lower relative humidity of
the feed gas at 50 °C. Figure 7 shows also the goodness of fit of
the model, which provides a satisfactory description of the CO2
and H2O breakthrough curves.
3.5. TSA process simulation. Figures 8−10 represent the

results of the dynamic simulation of Case 1 at CSS. Figure 8
represents the temperature profiles along the monolith length
at different cycle times (the flue gas entrance is taken as the
origin of the axial distance). At t = 0, the monolith is hot from
the regeneration step. This is progressively cooled during the
adsorption step (0 s < t < 120 s) in the direction of the feed, as
can be seen from the green lines in Figure 8. Cooling is
accomplished by the external circulation of the cooling fluid
and by direct contact with the flue gas. During the rinse steps
R1-R4 (120 s < t < 160 s) the monolith is progressively heated
in the feed direction, as shown by the purple lines in Figure 8,
due to external heating, to the sensible heat of the rinse stream,
and to the heat released by CO2 adsorption. During the
production step (160 s < t < 240 s; red lines) the monolith is

heated from both ends: the heating fluid circulates cocurrently
to the flue gas (increasing axial distance direction), but the
steam fed in direct contact with the monolith flows counter-
currently to the flue gas (decreasing axial distance direction).
Figure 9 represents the gas composition profiles at different

cycle times once CSS has been achieved for Case 1. Figure 9a
shows how the N2 present in the gas phase by the end of the
adsorption step (green line) is progressively swept out of the
bed during the rinse steps (120 s < t < 160 s; purple lines).
Note that the N2 that remains in the gas phase by the end of
step R4 is pushed by the steam to the product end during the
production step (160 s < t < 240 s; red line) reducing the
product purity. The molar fraction of CO2, shown in Figure 9b,
is higher at the feed end, which is also the product end.
Obviously, the concentration of H2O in the gas phase is
maximum at the steam inlet during steam stripping (see Figure
9c). This is also the point with lower concentration of CO2 in
the gas phase during the whole cycle, which reduces the loss of
CO2 with the decarbonized flue gas produced during the
adsorption and rinse steps. The election of countercurrent flow
of steam and flue gas/rinse seeks to maximize CO2 capture rate
and CO2 purity, but also intends that the steam remaining in
the bed at the beginning of the adsorption step leaves the bed
by the shortest path possible.
Figure 10 represents the profiles for the loading of N2, CO2

and H2O on the monolith at different cycle times once CSS has
been achieved for Case 1. The loading of N2 reaches its
maximum value during adsorption, decreases progressively
during the rinse steps, and is very low during the production
step. The loading of CO2 is maximum at the flue gas/rinse
entrance, which is the product end. The loading of H2O
presents a “U” shape with increasing loadings at both ends of
the monolith, but with relatively low loadings in the major part
of the bed, where the relative humidity of the gas phase is
lower.
Figures 11−13 represent the results of the dynamic

simulation of Case 2 at CSS. The main differences with Case
1 are the lower temperature of the monolith during the
adsorption step, the higher loadings of CO2 and N2 and the
lower loading of H2O, especially at the feed end. The loadings
of CO2 and N2 of Case 2 are higher than those of Case 1
mainly due to the lower temperature of the adsorption step of
Case 2. Note that although the relative humidity of the feed gas
in Case 2 remains high, and thus the equilibrium adsorption
capacity of H2O is similar than in Case 1, the absolute amount

Figure 7. Validation of the dynamic adsorption model against the
experimental response of the midsize monolith to a step change in the
feed composition from 100% N2 to 2% H2O and 14% CO2, balance
N2, at 50 °C.

Figure 8. Temperature profiles at CSS for Case 1.
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of H2O fed during the adsorption step is lower, which explains
the lower loading of H2O in the feed end observed for Case 2.
3.6. TSA process upscaling to the reference coal

power plant. The CSS results of section 3.5 were used as basis
to evaluate the feasibility of upscaling the TSA process to the
800 MWe reference coal power plant. To treat the 27 kmol s−1

of the flue gas from the reference power plant in a continuous
basis, a total amount of 1428 tons of adsorbent would be
required in Case 1 and 1256 tons in Case 2. The higher
adsorption capacity of the monoliths at the lower adsorption
temperature of Case 2 entailed using a larger molar flow rate of
flue gas per monolith, which in turn reduced the required
adsorbent inventory to treat all the flue gas from the reference
power plant. The monoliths should be loaded in 24 adsorber

units in order to follow the cycle schedule shown in Figure 1,
which ensures continuous flue gas decarbonization and
adequate synchronization between the beds for heat integra-
tion. The final footprint of the capture process will depend on
how the units are arranged in the available space and on their
internal mechanical design. The height of each unit should be
close to the monoliths height, which is only 0.7 m, so it would
be feasible to stack several units, and the arrangement of the
monoliths should include space for the circulation of the
thermal fluid axially to the monoliths, likewise to a shell and

Figure 9. Composition profiles of the gas phase at CSS for Case 1: (a)
N2; (b) CO2; (c) H2O.

Figure 10. Loading profiles at CSS for Case 1: (a) N2; (b) CO2; (c)
H2O.
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tube heat exchanger with parallel flow. The minimum footprint
of each of the 24 units, assuming the densest packing of the
monoliths in the Euclidean space, would be 177 m2 for Case 1
and 156 m2 for Case 2, occupying a square of at least 13 m
width for Case 1, and 12 m width for Case 2; although extra
space would be necessary to account for the circulation of the
thermal fluid. For reference purposes, it must be borne in mind
that an amine-based CO2 capture unit based on monoethanol-
amine (MEA) 30 wt % would require two absorber-stripper
trains where each absorber would present a diameter of 18 m
and a packing height of 18 m,59 which is 26 times the height of
the monoliths evaluated in the present work.
The performance parameters of the evaluated cases are

summarized in Table 7. The productivity of the two cases
evaluated in the present work, 0.35−0.40 kg kg−1 h−1, is much
higher than those previously reported for cyclic TSA CO2
capture processes with indirect cooling and heating: 0.04,11

0.09−0.10,8 0.02−0.05,16 and 0.04−0.07,9 kg CO2 kg−1

adsorbent h−1. The difference is mainly attributed to the
shorter cycle time used in the present study. Cycle time is
intrinsically related to the feed flow rate, the height of the
adsorber, the adsorbent characteristics, and the cycle design.
The dimensions of the industrial monoliths used to run the
TSA simulations, shown in Table 2, were provided by the
manufacturer. Once the adsorbent and the height of the
adsorber have been fixed, the duration of the adsorption step
depends on the feed flow rate and the cycle design which will
affect the temperature, composition and loading profiles. The
use of honeycomb monoliths entails the use of higher flow
rates, which can contribute to maximize productivity. Indirect
heating and cooling could be avoided, simplifying the process,
at the cost of longer cycle times and lower productivities: the
bed could be rapidly heated by steam stripping if condensation
was allowed inside the channels of the monolith, and the
monolith could be cooled by direct contact with the
decarbonized flue gas and ambient air; however, according to
our simulation results, direct cooling is a time-consuming step
that would increase significantly the length of the cycle, even
using much higher flow rates than those of the flue gas.
Moreover, the opportunities of recovering thermal energy are
rather limited in a fixed bed TSA process without indirect
heating and cooling, which would make the TSA process not
competitive with the benchmark absorption technology.
The estimated heat duty of the evaluated TSA processes is

4.89 MJ per kg of CO2 recovered for Case 1 and 3.59 MJ kg−1

CO2 for Case 2. The increase in working capacity achieved

through the cooling of the flue gas compensates the larger
thermal swing required in Case 2. The specific heat duty of
Case 2 is still somewhat higher than the specific reboiler duty of
the benchmarking amine-based technology: 3.02 MJ kg−1.48

However, the latter is a mature technology that has reduced its
energy penalty by near 50% in the past decade, and is now close
to its thermodynamic limit; significant further reductions of the
energy penalty of the capture process must come from new
generation technologies.2 Adsorption-based capture technolo-
gies present lesser development stage, and thus greater scope
for energy penalty reduction through the development of both
materials and processes. Values as low as 1.3 MJ kg−1 had been
reported for the KCC adsorption process, although this value
does not include the waste heat required to build steam for

Figure 11. Temperature profiles at CSS for Case 2.

Figure 12. Gas phase composition profiles at CSS for Case 2: (a) N2;
(b) CO2; (c) H2O.
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steam stripping.19 The use of waste heat from the power plant
could contribute to significantly reduce the energy penalty of an
adsorption-based PCC process, as the waste heat could be used
either to heat the adsorbent indirectly of to produce low
temperature steam for steam stripping.19 A value of 4.5 MJ kg−1

has been reported for a TSA cycle that uses the product gas at
250 °C for regeneration of a NaUSY adsorbent, with a recovery
of 83.6% from dry flue gas at 30 °C, and a product purity of
91.4%;16 the previous value does not include the energy

consumed for drying flue gas, which is estimated to be 1.26 MJ
kg−1.9 A heat-integrated TSA process which makes use of
zeolite 13X to capture the CO2 from dry flue gas at 30 °C
reported a value of 4.28 MJ kg−1.9 However, the later value
includes heat recovery from the hot flue gas (−0.7 MJ kg−1),
which is unlikely to be possible if flue gas is treated after the
desulfurization unit, as its temperature at this point is 47 °C.48

It must be noted that, unlike the previous works, the simulation
carried out in the present work accounts for axial dispersion
and for the temperature dependence of the mass transfer
coefficients and the heat capacities. The axial dispersion and the
slower kinetics considered in this work reduce the efficiency of
the bed use, raising the energy requirements. An adsorbent with
faster adsorption kinetics would present steeper composition
profiles, which would reduce the adsorbent inventory and the
energy requirements of the process.
To illustrate the influence of adsorption kinetics, the

simulation of Case 2 was rerun changing solely the mass
transfer coefficient of CO2 and setting it to the constant value
of 0.15 s−1 used by Joss et al.:9 the CO2 capture rate shifted to
90.7%, the purity of the CO2 product slightly increased to
95.7%, and the specific heat duty of the process dropped down
to 3.37 MJ kg−1. Using the value of Ntiamoah et al.,16 0.5 s−1,
the capture rate shifted further to 96.8%, the product purity
decreased slightly to 95.3%, and the specific heat duty dropped
to 3.16 MJ kg−1. Using a more realistic temperature dependent
mass transfer coefficient, based on the LDF approximation for
the diffusion of CO2 in the micropores of carbon beads,40,41

which is slightly higher than that used in the present work, the
capture rate of Case 2 shifted to 96.9% and the specific heat
duty dropped to 3.23 MJ kg−1 for a CO2 purity of 95.4%. From
this sensitivity analysis it seems clear that adsorption kinetics
plays a significant role in the specific energy consumption of the
TSA process, and therefore should be carefully assessed, as the

Figure 13. Loading profiles at CSS for Case 2: (a) N2; (b) CO2; (c)
H2O.

Table 7. Performance Parameters of the TSA Process
Upscaled for the 800 MWe Reference Coal Plant

Parameter Case 1 Case 2 Case 2b Units

Purity of the CO2
product (dry basis)

95.4 95.6 95.7 %

CO2 capture rate 84.9 85.4 88.6 %

Productivity 0.35 0.40 0.52 kgCO2 kgadsorbent
−1 h−1

Specific heat duty 4.89 3.59 2.89 MJth kg
−1 CO2

Specific cooling duty 4.40 3.36 2.79 MJth kg
−1 CO2

Specific electricity
consumptiona

123 127 118 kJe kg
−1 CO2

Specific cooling water
requirementsa

107 81 68 kg cw kg−1 CO2

Total amount of
adsorbent required

1428 1256 1005 tons

Flow rate of the flue gas 794 794 794 kg s−1

Average flow rate of
decarbonized flue gas

675 648 639 kg s−1

Flow rate of
concentrated CO2
product

145 146 151 kg s−1

Flow rate of makeup
water

26 0 −4 kg s−1

Flow rate of cooling
fluid

21775 19157 15325 kg s−1

Average flow rate of
heating fluid

14517 12771 10217 kg s−1

aExcluding final compression stage (product delivered at 30.78 °C and
200 kPa).
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uncertainty in this model parameter might lead to erroneous
conclusions.
Case 2b, included in Table 7 for comparison purposes, has

been optimized using the temperature dependent mass transfer
coefficient of CO2 based on the LDF approximation for the
diffusion of CO2 in the micropores of carbon beads.40,41 The
faster adsorption kinetics of CO2 in Case 2b entailed increasing
the molar flow rate of the flue gas fed per monolith and thus
reducing the adsorbent inventory by 20% compared to Case 2
(minimum footprint per adsorber of case 2b: 124 m2,
considering a square shaped adsorber of 11 m width). The
specific energy consumption of Case 2b is reduced to 2.89 MJ
kg−1, with superior product purity (95.7% CO2, dry basis) and
recovery rate (88.6%) than Case 2. It must be highlighted that
Case 2b presents lower specific heat duty than the
benchmarking amine-based technology.
56% of the total heat duty of Case 1 comes from the boiler

unit, and 43% from the heat duty of the heating fluid heater
(see Scheme 2). The corresponding values for Case 2 are 40%
and 60%, respectively. A series of simulations were carried out
changing solely the molar flow rate of the steam fed during the
production step for the configuration shown in Scheme 2.
Figure 14 shows the relation between the specific heat duty and

the CO2 capture rate and CO2 purity for this series. As can be
seen from the figure, the CO2 purity is not sensitive to changes
in the steam flow rate. This can be increased by increasing the
fraction of product that is fed during the rinse steps, at the cost
of a lower capture rate. On the other hand, the capture rate
increases as the flow rate of steam stripping increases, as more
CO2 is recovered from the monolith. If the flow rate of steam
fed in direct contact with the monolith is reduced below 169 kg
s−1, the minimum capture target of 85% is not met for the
evaluated configuration. If lower capture rates were acceptable,
the specific heat duty could be reduced. This is only an example
of the flexibility of operation of a TSA process, where the CO2
purity and recovery can be tailored to industrial interests by
actuating on process parameters.
The heat recovered from the hot product stream, which is

used to preheat the water fed to the boiler in a cross heat
exchanger, entails saving 0.36 MJ kg−1 CO2 for Case 1 and 0.19
MJ kg−1 CO2 for Case 2.
The specific heat duty could be reduced by using an

adsorbent with lower adsorption capacity toward H2O, and/or

with higher adsorption capacity toward CO2, and/or with faster
adsorption kinetics, as this would entail reducing the adsorbent
inventory. The energy requirements of the process could also
be reduced through process development.
Despite the lower adsorption temperature of Case 2, the

cooling duty of Case 1, 608 MW (4.4 MJ kg−1 CO2) is also
higher than that of Case 2, 468 MW (3.36 MJ kg−1 CO2), due
to the lower adsorbent inventory of the latter. The cooling duty
of Case 2 is lower than that of the benchmarking amine-based
technology: 494 MW.48 The specific cooling water require-
ments of the capture unit (excluding the cooling of the final
compression stage) are 107 kg kg−1 CO2 and 81 kg kg−1 CO2
for Case 1 and Case 2, respectively.
The electricity requirements of Case 1 are 123 kJe kg

−1 CO2:
85% of which come from the product blowers, which have to
increase the product pressure from 105 kPa to the 200 kPa
required at the inlet of the compression stage, 11% from the
pumps required to circulate the thermal fluids, and the
remaining 4% from the flue gas blower (the electricity
consumption of the pumps required to circulate the cooling
water were not included in the calculation). The specific
electricity requirements of Case 2 are slightly higher than those
of Case 1 due to the higher consumption of the flue gas blower,
which has to overcome the pressure drop in the flue gas cooler
(assumed to be 3% of the inlet pressure).
The thermal duty required solely to heat and cool the

adsorbent is directly related to the mass and the specific heat of
the adsorbent, and to the thermal swing achieved. Therefore,
the thermal duty could be reduced by acting over any of these
three terms. The mass of adsorbent required to decarbonize the
flue gas could be reduced by using an adsorbent with higher
adsorption capacity toward CO2, and/or with improved
kinetics, as discussed above. The amount of adsorbent required
is also affected by cycle design, so it can be reduced for a given
adsorbent through process development. The specific heat
capacity is characteristic of the material used, so this property
also requires attention during adsorbent selection. Note that
the specific heat capacity increases with temperature, so the
selection a lower range of temperature for the operation of the
TSA would contribute to reduce this parameter. Lower thermal
swings would also lead to lower thermal duties. In the evaluated
TSA cycle, the temperature of the production step was given by
the need of using superheated steam at near atmospheric
pressure in order to avoid condensation in the adsorber, but
also to reduce the relative humidity of the gas phase and thus to
reduce the amount of H2O adsorbed. An alternative could be to
carry out steam stripping at lower temperature and subatmo-
spheric pressures in a SA-VSA process, although this would
increase the electricity consumption of the process due to the
consumption of the vacuum pumps and to the extra work
required to compress the CO2 product. The later approach will
be assessed in future studies.

4. CONCLUSIONS
The CO2 adsorption capacity of the carbon monoliths at the
flue gas conditions is relatively high for carbon adsorbents, but
lower than that of other adsorbents evaluated for adsorption-
based PCC processes, such as zeolites or MOFs. On the other
hand, the carbon monoliths present low H2O adsorption
capacity at low-to-medium relative humidity and relatively low
isosteric heat of adsorption of CO2 and H2O, which facilitates
the regeneration of the carbon monoliths in PCC TSA
processes compared to noncarbon adsorbents. Moreover,

Figure 14. Effect of steam flow rate over CO2 purity and capture rate.
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honeycomb monoliths present higher thermal conductivity and
lower pressure drop compared to packed beds of carbons,
which entails the use of higher feed flow rates which can lead to
a reduced adsorbent inventory and a higher productivity.
A multibed heat integrated TSA postcombustion CO2

capture process making use of carbon honeycomb monoliths
and steam stripping is proposed, where the thermal swing is
aided by indirect heating and cooling, which reduces the cycle
time and thus increases the productivity. The process
performance has been evaluated through the dynamic
simulation of the proposed cyclic adsorption process using a
fixed bed adsorption model validated against experimental data.
The results from the simulation of the TSA process at cyclic
steady state were used to upscale the process to capture at least
85% of the CO2 emitted by an advanced supercritical coal
power plant of 800 MWe. Two cases were evaluated: in Case 1
the flue gas is fed to the capture unit directly after
desulfurization, with no additional cooling or drying, and in
Case 2, the flue gas is cooled down using cooling water from
the reference power plant. The specific heat duty of Case 1,
4.89 MJ kg−1of CO2 captured, is greater than that of Case 2,
3.59 MJ kg−1: the increase in working capacity achieved by
cooling the flue gas compensates the associated increase in the
thermal swing. The specific heat duty of Case 2 is lower than
the values reported in the literature for different TSA
configurations that make use of adsorbents with higher
adsorption capacity. This value is close to the specific reboiler
duty of the benchmark amine-based PCC process, and
significant reductions can still be expected through materials
and process development. Adsorption kinetics have shown to
present a significant impact in the design and specific energy
consumption of the TSA process: by considering slightly faster
CO2 adsorption, the specific heat duty of Case 2b falls down to
2.89 MJ kg−1, which is lower than that of the benchmark
technology.
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■ ABBREVIATIONS

A = adsorption
CSS = cyclic steady state
ECMMS = extended cooperative multimolecular sorption
HX = cross heat exchanger
IAS = ideal adsorbed solution
LDF = linear driving force
MEA = monoethanolamine
MSE = mean squared error
MTC = mass transfer coefficient
P = production
PCC = postcombustion CO2 capture
PSRK = predictive Redlich−Kwong−Soave
R = rinse
SA-VSA = steam aided vacuum swing adsorption
TSA = temperature swing adsorption
USD1 = first order upwind differencing scheme
VSA = vacuum swing adsorption
VTSA = vacuum and temperature swing adsorption

Notation

0 = initial
a = average width of the square channels of the honeycomb
monolith
bk = affinity constant of Toth adsorption model for
component k
bL = affinity constant of the Langmuir term of the ECMMS
adsorption model
De = effective diffusivity
De0 = preexponential value for diffusion
Ea = activation energy for diffusion
F = molar flow rate
f = final
K0 = equilibrium constant for the interaction of water with
the central unit on the primary adsorption site on the
graphene surface of the ECMMS model
K1 = equilibrium constant for the interaction of water with
the side unit on the primary adsorption site on the graphene
surface of the ECMMS model
MTCk = mass transfer coefficient of component k
nk = amount adsorbed of component k
NA = number of equilibrium data measured at each
temperature
ncalc = amount adsorbed calculated using the equilibrium
model
nexp = amount adsorbed measured experimentally
nL = saturation capacity of the Langmuir term of ECMMS
model
ns = saturation capacity of the Toth adsorption model
nsat = saturation capacity of the graphitic microstructure of
the ECMMS adsorption model
NT = number of temperatures at which the equilibrium of
adsorption was measured
Pk = partial pressure of component k
Q0 = isosteric heat of water adsorption onto the primary site
on the graphene surface of the ECMMS model
Q1 = isosteric heat of water binding to the side unit on the
primary site of the ECMMS adsorption model
Qk = isosteric heat of adsorption
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QL = isosteric heat of adsorption of the Langmuir term of the
ECMMS adsorption model
R = universal constant of gases
t = time
tw = average width of the walls of the channels of the
honeycomb monolith
T = temperature
Tref = temperature taken as reference
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