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ABSTRACT  

This work deals with the modeling and design of a novel bubbling fluidized bed reactor that aims 

to improve the CO2 carrying capacity of CaO particles in CO2 capture systems by Calcium 

Looping (CaL). Inside the new reactor (the recarbonator) the particles that arrive from the 

carbonator of the CaL system react with a concentrated stream of CO2, thereby increasing their 

carbonate content up to a certain value which can be predicted by means of the model proposed. 

The recarbonator model presented in this work is based on the Kunii and Levenspiel model for 

bubbling bed reactors of fine particles. The reduction in the gas volume due to the reaction of 



 2 

CO2 with CaO is taken into account by dividing the recarbonator into a number of reactor 

elements where the bubble properties are recalculated, while the solids are perfectly mixed 

throughout the bed. The model has been used to test the conceptual design of a CaL system that 

incorporates an additional recarbonator reactor to more than double the residual CO2 carrying 

capacity of the sorbent (from 0.07 to 0.16). In a reference design case of a 1000 MWth coal-fired 

power plant it was found that the recarbonator cross-section needs to be between 80 and 100 m
2
 

(about 40-50% the area of the carbonator reactor), the solid inventories around 1200-1500 kg/m
2
 

and the inlet CO2 gas velocities between 0.6 and 0.9 m/s. This set of operating and design 

windows predicts an increase in the carbonate content of the particles in the recarbonator of 

around 0.02, which has been shown to be sufficient to sustain the increased average CO2 

carrying capacity of the sorbent.   

1. INTRODUCTION 

CO2 Capture and Storage (CCS) is one of the major options for contributing to the mitigation 

of climate change
1
, and several processes have been proposed in the last few years aimed at a 

less costly and more energy efficient capture of CO2. To this end, postcombustion Calcium 

Looping (CaL) stands out as a promising technology for CO2 capture and is attracting increasing 

interest (see for example recent reviews
2, 3

). 

 

The basis of the CaL process relies on the use of lime as a CO2 sorbent, which undergoes 

consecutive carbonation/calcination cycles in the process. The pioneers of this process for 

combustion systems were Shimizu et al.
4
, who proposed a system of two fluidized beds 

(carbonator and calciner) and a method to regenerate the CaCO3 in the calciner based on burning 



 3 

a fuel with pure O2. The main process route today comprises two interconnected circulating 

fluidized bed (CFB) reactors, namely the carbonator and the calciner (see Figure 1). The 

carbonator operates at temperatures of around 650ºC and contains active CaO particles which 

react with the CO2 of the flue gas entering this reactor. As a result, a CO2 depleted gas leaves the 

carbonator and a partially carbonated stream of solids is transported to the calciner for 

regeneration. The calciner requires temperatures in the range of 880-950ºC to calcine not only 

the CaCO3 from the carbonator, but also the fresh limestone fed to the system to compensate for 

the decay of the CO2 capture capacity of the lime with the number of carbonation/calcination 

cycles
5, 6

. As mentioned above, the calcination reaction is endothermic and heat is provided by 

burning coal in oxyfuel conditions inside the reactor. The calcined CaO solid stream is then 

transported back to the carbonator to initiate a new CO2 capture cycle. 

 

Provided that an adequate integration of all the heat sources is carried out, the CaL process is 

competitive and has a low overall energy penalty
4, 7-15

. It has been possible to demonstrate the 

practical viability of the process at increasing scale in only a few years due to the close similarity 

of the reactors to those used in well-established circulating fluidized bed combustion technology. 

Several lab-scale experimental facilities contributed to validate the CaL concept
16-20

 and this has 

led to a rapid development of the process. Postcombustion CaL technology has reached the 

1.7 MWth scale with a pilot plant in continuous operation in La Pereda (Spain)
21

. Other pilots 

have also reported successful results in Germany (in Sttutgart (200 kWth)
22

 and Darmstadt 

(1 MWth)
23

) or are being commissioned (a 1.9 MWth pilot in Taiwan
24

). 
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A critical aspect of the CaL system is, as mentioned above, the progressive deactivation 

experienced by the lime when it is subjected to consecutive cycles of carbonation and 

calcination
5, 6

. Maintaining high CO2 capture efficiencies while operating with low CO2 sorbent 

carrying capacities requires an increase in the solid circulation rates between the reactors. This 

imposes high energy penalties on the process due to the rise in the heat requirements of the 

calciner
25, 26

. Therefore, in the CaL process a continuous make-up flow of fresh limestone has to 

be fed in to stabilize the activity of the CaO particles at a sufficiently high value. Meanwhile, a 

continuous purge of solids leaves the system. The presence of a continuous make-up flow also 

imposes an energy penalty on the process, but this can be reduced if a synergy arrangement can 

be established with a cement manufacturer. Nonetheless, it is clear that it would be highly 

beneficial if the amount of fresh limestone required in the CaL process could be reduced. For this 

purpose, a number of modified sorbents and reactivation techniques are being studied
3, 27

. 

 

One of the first strategies proposed to increase the CO2 carrying capacity of lime was the 

hydration of CaO particles
28-31

, which has been proven to be beneficial for the CO2 capture 

capacity of the sorbent. Its main drawbacks are an increase in the tendency towards attrition due 

to the reduced mechanical stability of the hydrated lime and the energy penalty associated with 

the generation of large amounts of steam and low temperatures used in the hydration process 

(compared to those of the CaL system)
32

. Sorbent doping is also a technique which is being 

studied as an alternative to increase the CO2 carrying capacity of the CaO particles, but the 

results obtained so far are not conclusive
27

. The use of synthetic sorbents has also been proposed 

and recently reviewed by Kierzkowska et al.
27

. The main concerns regarding these Ca-based 

sorbents are the limited availability of experimental results under operating conditions suitable 
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for the CaL scheme and the economic impact that these sorbents may have on the process
3, 27, 33

. 

Finally, several authors have reported self-reactivation effects
34-39

 during laboratory tests at large 

carbonation time scales or intense carbonation conditions. However, these effects are not 

expected to occur in postcombustion CaL applications because the intrinsic operating conditions 

do not allow such long solids residence times in the reactor or such carbonation conditions
40

. 

 

This work focuses on a novel recarbonation process
41, 42

 that is also aimed at improving the 

CO2 carrying capacity of the sorbent like the methods referred to in the previous paragraph. In 

this case, the reactivation concept is based on experimental evidence that extended carbonation 

times result in higher residual activities of lime
34, 43, 44

. In 1973, multicycle 

carbonation/calcination tests carried out by Barker
43

 for carbonation times of 24 hours in pure 

CO2 revealed no significant decay in CO2 carrying capacity (approx. 0.82 after 10 cycles). 

Further trials by Gottipati to reactivate spent sorbent for SO2 capture using CO2 failed to achieve 

the desired gains
45

. Nevertheless, more recent experiments focused on Ca looping systems under 

more moderate conditions than those of Barker
43

(which are not suitable for large-scale 

continuous systems due to the long reaction times and carbonation conditions), have confirmed 

that prolonged carbonation times increase the residual activity of the CaO compared to 

experiments performed for short carbonation times
34, 43, 44

. High CO2 partial pressures have also 

been shown to be beneficial for enhancing the reactivation of lime
46

. 
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Figure 1. General scheme of a postcombustion calcium looping system that incorporates a 

bubbling fluidized bed recarbonator reactor to increase the CO2 carrying capacity of the sorbent 

(CaO). 

In previous works
41, 42

 we proposed a variation of the CaL CO2 capture system that 

incorporates a new recarbonator reactor located between the carbonator and the calciner (see 

Figure 1). The recarbonator reactor, which is expected to operate at temperatures of between 

750-850ºC, is fed with partially carbonated solids from the carbonator and a highly CO2 

concentrated gas stream. As a result, the particles are forced to increase their carbonate content 

beyond their maximum carrying capacity in the carbonator (Xave,R) to a new higher value. In a 

stationary state, the resulting increase in the carbonate content in the recarbonator (ΔXR) with 

respect to Xave,R is enough to compensate for the subsequent decrease in the CO2 carrying 

capacity the particles experience in the next calcination cycle. In these conditions, Xave,R retains 

the same value as at the exit of the carbonator. However, it is feasible in these conditions to 

stabilize the average maximum carrying capacity of the particles (Xave,R) at values considerably 

higher than those reached in a classic CaL scheme without recarbonation (Xave). In fact, it has 
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been estimated from experimental measurements using thermogravimetric equipment that a ΔXR 

as low as 0.02 may provide a residual activity of lime (Xr) equal to 0.16
41, 47

 whereas the original 

Xr without recarbonation is only between 0.07 and 0.10. 

 

The purpose of this paper is to establish a first reactor design for the recarbonator reactor 

taking into account the typical operating conditions that can be expected in large-scale CaL 

systems, the information available on recarbonation kinetics and bubbling bed reactor gas-solid 

contact quality. Short solids residence times are likely to be needed in the recarbonator reactor to 

keep to reasonable dimensions, since a large solid circulation rate between the carbonator and the 

calciner reactors can always be expected if a high CO2 capture efficiency is to be maintained. 

Therefore, a reactor model incorporating recent knowledge on the kinetics of the recarbonation 

reaction
40, 41, 47

 together with well-established gas-solid contact reactor submodels
48

 is needed to 

evaluate the extent of the impact of the recarbonator reactor in the scheme of Figure 1. This will 

contribute to the design of future pilots which will experimentally validate the improved CO2 

capture performance of the system studied in this work. 

 

2. RECARBONATOR REACTOR MODELING 

A bubbling fluidized bed reactor configuration was chosen for the recarbonator, as 

schematically outlined in Figures 1 and 2. The recarbonator reactor is regarded as an enlarged 

fluidized bed loop-seal that receives solids from the carbonator cyclone (see Figure 2). This 

loop-seal is fluidized by the CO2 that reacts in the recarbonator and/or steam to facilitate 

fluidization, as will be discussed below. Since the use of CO2 needs to be minimized because it 

comes from recycled flue gas released from the calciner, it is already clear that a substantial 
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fraction of the flow of reacting gas (CO2) will disappear from the gas phase into the solid phase. 

At the same time, it is important to guarantee that the recarbonator reactor is continuously 

fluidized. This is achieved by ensuring that there is at all times an excess of gas to remain above 

the conditions of minimum fluidization. This fluidizing gas must also allow the necessary 

circulation of solids through the standpipes and loop-seals of the existing CaL system, which is 

known to be very sensitive to the fluidization conditions in the reactors and the loop-seals
49

 and 

to external control of the solid circulation rates between the reactors
21

. 

 

 

 

Figure 2. Scheme of the bubbling bed recarbonator with the main variables for reactor design. 

The bubble (b), cloud (c) and emulsion (e) regions are depicted on the left. 

For the sake of simplicity, the recarbonator reactor of Figure 2 is assumed to have a constant 

cross-sectional area and all the CO2 is injected through the bottom of the reactor (no secondary 

gas injections are considered). However, designs with a variable area to accommodate changes in 

the fluidizing gas flow rate due to the reaction of the CO2 might be considered as feasible in the 
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future. For the same reasons, a further design decision affects the type of fluidizing gas selected 

for the recarbonator. If CO2 is the only gas fed to the reactor, the rapid depletion of CO2 and 

associated defluidization will take place in situations where there is an excess of active CaO 

arriving in the recarbonator reactor (this defluidization phenomenon has already been reported to 

occur
50

 in the loop-seal of an oxy-fired facility fluidized with pure CO2). To prevent these 

situations from occurring and to facilitate a minimum flow of fluidizing gas, a certain flow of 

steam is fed to the recarbonator. The steam may also help to enhance the recarbonation reaction, 

as the positive effect of steam on the diffusionally controlled stage of the carbonation of CaO has 

been reported by several authors
51, 52

. However, even when steam is used as an auxiliary 

fluidizing gas, a major fraction of the CO2 fed through the bottom of the reactor (FCO2,0) will 

disappear from the gas. This is schematically represented in Figure 2 and must be taken into 

account when modeling the gas-solid contact in the bubbling fluidized bed reactor. 

 

In order to assess the effectiveness of the gas-solid contact in the recarbonator reactor, the 

model proposed by Kunii and Levenspiel
48

 for bubbling beds of fine particles has been used in 

this work. The KL model postulates the existence of a bubble (b), cloud (c) and emulsion (e) 

phase (see Figure 2), and assumes spherical bubbles of a constant size, which rise faster than the 

gas that passes through the emulsion. Therefore, almost all the gas moving through the bed of 

solids is located in the bubble phase whereas the upflow of gas through the cloud and emulsion 

regions is small. The cloud and the emulsion are the dense regions and are considered to be at 

close to minimum fluidizing conditions. Besides, there are mass transfer phenomena between the 

bubble and the cloud and between the cloud and the emulsion, which can be quantified by means 

of the gas interchange rate coefficients defined by Kunii and Levenspiel (Kbc and Kce 
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respectively). The existence of these three separate regions introduces diffusion resistances to the 

progression of the recarbonation reaction.  

 

In the model described in this work the recarbonation reaction has been limited to the cloud 

and the emulsion regions, where most of the solids are located. Therefore, the contribution of the 

bubble phase has been neglected. The mass balances of the three regions included within the 

bubbling bed reactor have been performed, using the notation in Figure 2. When modeling the 

gas phase, the reduction in the CO2 flow rate along the height of the reactor is taken into account 

by dividing the reactor into a series of reactor elements in the axial direction, considering a plug 

flow pattern in the bubble phase. In each of these elements the change in the gas volume is 

moderate and all bubble properties can be estimated as a constant value. With this procedure, the 

calculated outputs of each element (bubble density, bed porosity, gas and bubble velocities, 

molar flow and molar fraction of CO2) are the input parameters for the subsequent element. On 

the other hand, when modeling the solid phase, the assumption in the KL model of an instant and 

perfect mixing of solids is retained for the recarbonator reactor. Therefore, in any of the volume 

elements considered axially for the gas phase, the properties of the solids are identical and equal 

to the properties of the solids at the exit of the reactor. 

 

If the axial bed height is divided into Z volume elements the formulation of the KL model 

requires the establishment of mass balances for the bubble, cloud and emulsion regions depicted 

in Figure 2 for any element i (between 1 and Z). This gives Eqs. (1), (2) and (3), respectively: 
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where ub,i is the bubble rise velocity in the element i; Cb,i, Cc,i and Ce,i stand for the CO2 molar 

concentrations in the bubble, cloud and emulsion regions, respectively, of the element i in the 

recarbonator and Ceq is the CO2 molar concentration at equilibrium conditions. a1,i is derived 

from the kinetics of the recarbonation reaction, which will be discussed below. 

 

In addition, αc,i and αe,i represent the fractions of solids that are present in the cloud and the 

emulsion regions, respectively, for each element i. They can be calculated from the parameters ϒc 

and ϒe,i defined by Kunii and Levenspiel
48

 as the volume of solids dispersed in the cloud and the 

emulsion regions, respectively, per volume of bubble: 

 

     
  

       
 (4) 

     
    

       
 (5) 

 

The bubble fraction of the bed in the element i, δi, is required to obtain the ϒe,i value
48

. The δi is 

calculated from the ratio between the superficial gas velocity and the velocity of the rising 

bubbles in the element when the minimum fluidization velocity is negligible with respect to the 

superficial gas velocity
48

. The velocity of the bubbles in a bubbling fluidized bed is a function of 



 12 

the superficial gas velocity, the minimum fluidization velocity and the rise velocity of an isolated 

bubble, and is here calculated for each element by means of the expressions proposed by 

Davidson and Harrison
48, 53

. For this purpose, and for the sake of simplicity, the bubble diameter 

is assumed to be constant throughout the recarbonator, so that it is only the bubble fraction that 

diminishes along the reactor as CO2 disappears from the gas phase to form CaCO3. 

 

It should also be noted that the porosity of the bed in every specific element i can be calculated 

when δi is known. This porosity results from the sum of the bubble fraction and the porosity of 

the dense regions, which are assumed to be at close to minimum fluidizing conditions
48

. Finally, 

the gas interchange coefficients Kbc and Kbe are calculated by means of the expressions given by 

Kunii and Levenspiel
48

. These coefficients depend on the velocity and porosity at minimum 

fluidizing conditions, the bubble diameter and the molecular diffusion coefficient of the gas. 

 

In order to extend the differential balances of Eqs. (1), (2) and (3) to an overall reactor 

element, it is assumed that the gas in the bubble phase can be described by means of a plug flow 

model (PFR). By combining the previous expressions and the PFR equations of a system with a 

constant volume, the CO2 concentration in the bubble phase can be obtained for each element i 

as a function of the height along the element (zi): 

 

     
 

      
[((      )            )  

 
   (      )

    
  
     ] (6) 
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In the above equation a2,i and a3,i are constants in each volume element i. They result from the 

combination of several variables when writing the integral that leads to equation (6), and are 

given by Eqs. (7) and (8) respectively: 
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 (8) 

 

Additionally, the CO2 concentration in the cloud and the emulsion regions of any reactor 

element i can be obtained at any height by the expressions shown below, which are derived from 

combining Eqs. (2) and (3): 

 

                   (9) 

     
   

            
     

           

            
 (10) 

 

Once the CO2 concentration in the bubble phase at the exit of the element i is known, its gas 

conversion (XCO2,i) can be calculated by means of Eq. (11) since the volume of gas remains 

virtually constant inside the reactor element: 

 

       
                

       
 (11) 
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The value of XCO2,i obtained allows the moles of CO2 that have reacted inside the element i to 

be calculated and hence, the number of moles of CO2 that leave the element i and enter the 

element i+1. This value is also used to estimate the new operating parameters that will be used 

for the element i+1, i.e. the inlet concentration of CO2, the bubble and gas velocities, the bubble 

density and the bed porosity in this reactor element. Finally, the gas conversion attained inside 

the overall reactor due to recarbonation and calculated by means of the gas balance (XCO2,GB) is: 

 

        
                    

         
 (12) 

 

where FCO2 out,Z is the molar flow of CO2 that leaves the recarbonator and FCO2 in,1 represents 

the CO2 that enters the first reactor element.  

 

In the previous equations (2), (3), (7), (8) and (10) the term a1,i contains the information 

relating to the kinetics of recarbonation at particle level. The investigation of the kinetics of the 

carbonation reaction has been the subject of many studies
4, 43, 54-57

. Nevertheless, very little 

quantitative information has been reported in relation to recarbonation conditions (very high 

partial pressures of CO2 and temperatures over 750ºC) as these are unusual in carbonator reactors 

(partial pressures of CO2 well below 0.1 atm and temperatures of around 650ºC). However, 

recent thermogravimetric studies by our group published elsewhere
47

 have demonstrated that the 

kinetic parameters (pre-exponential factor and activation energy) derived for the carbonation 

conditions are still valid for the recarbonation conditions. A typical example of such an 

experiment, which represents a conversion vs time curve of a calcined sample subjected to 

carbonation and recarbonation, is presented in Figure 3. 
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Figure 3. Example of a typical conversion vs time curve during carbonation and recarbonation 

stages. 

 

Since the particles arriving at the carbonator are perfectly mixed and contain a wide 

distribution of particles with a different cycle number, we have used the subscript “ave” to refer 

to the average particle properties, although in this particular example of Figure 3, these average 

properties correspond to two cycles of carbonation-recarbonation-calcination of a previously 

deactivated sorbent (after 15 standard carbonation-calcination cycles)
47

. Furthermore, to 

distinguish from previous definitions of the CO2 carrying capacity of the sorbent, we have 

referred to the  average CO2 carrying capacity of the particles arriving from the calciner to the 

carbonator in the system of Figure 1 as Xave,R. Figure 3 indicates that in the carbonator reactor 

these particles are subjected to a carbonation step where they undergo a maximum carbonate 

conversion equal to Xave,R if they have a residence time in the carbonator longer than the 

characteristic time t*. These particles carbonated to their maximum CO2 carrying capacity are 
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unable to react with CO2 under carbonation conditions (see the negligible progress in conversion 

between 80 and 220 s in Figure 3). However, when they are subjected to the conditions in the 

recarbonator reactor (at 800ºC and 85%v CO2 in steam in the example of Figure 3) a new 

reaction stage is initiated. As a result, the particles increase their carbonate content from Xave,R to 

a higher value, which can be represented as X
+

ave,R=Xave,R+ΔXR,max, if the recarbonation is 

allowed to progress until t*R.  

 

In a recent paper focused on the kinetics of these reactions we observed
47

 that the 

recarbonation process goes through a fast period where the reaction rate is constant from the 

onset of the recarbonation period at Xave,R until the solids reach a conversion of X
+

ave,R. Hereafter 

the reaction rate is zero. In these conditions and by analogy with the approach adopted for the 

carbonator reactor models described elsewhere
20, 58

 the reaction rate in the recarbonator reactor is 

modeled using Eq. (13): 

 

  

  
           (     ̅̅ ̅̅ ̅̅ ̅̅ ̅)     for Xave,R<X<X

+
ave,R (13a) 

  

  
       for X=X

+
ave,R                  (13b) 

where ks,R is the recarbonation reaction rate constant, ν is the volume fraction of CO2 in the gas 

phase and νeq is the volume fraction of CO2 at equilibrium conditions.  

 

The time required for the solids to attain maximum conversion after recarbonation (X
+

ave,R) in 

the reactor, t*R, can also be obtained from the maximum increase in the carbonate content of the 

particles within the recarbonator divided by the recarbonation reaction rate: 
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 (14) 

 

Furthermore, when using equation (13a) to write the reaction term of the mass balances 

represented by equations (2) and (3) the kinetic term a1,i can be derived as follows: 

 

     
             (    )           

        
 (15) 

 

where ρs is the solids density, Єi is the bed porosity in the reactor element i, fa,R is the fraction 

of solids that are active for the recarbonation reaction, fCa,R w is the mass fraction of calcium that 

is involved in the recarbonation process (the inerts are subtracted), ρm,g is the molar density of 

the gas and Ms is the molecular weight of the calcium solids. 

 

It must be pointed out here that Figure 3 and the choice of the kinetic constant ks,R for the 

recarbonation period is consistent with the experimental information available from TG tests 

reported elsewhere
41, 47

. From the recent experiments carried out by Grasa et al.
47

 the apparent 

kinetic constant for the recarbonation (ks,R) is 0.004 s
-1

 (vs kS=0.33 s
-1

 obtained for the 

carbonation reaction at 650ºC
20

), and this is the value used in this work for the simulation 

studies. It should be noted that this is a conservative ks,R, since the presence of steam in the 

reaction atmosphere is known to lead to higher values of the kinetic constant as a result of the 

enhancement in the recarbonation reaction. As Figure 3 indicates, despite the kinetic constant 

during recarbonation being two orders of magnitude slower than the constant during fast 

carbonation, a substantial rate of recarbonation reaction can be achieved thanks to the increased 
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CO2 concentration in the recarbonator reactor. This is essentially the fundamental idea behind the 

proposed reactivation process, as particles are forced to regain a higher carbonation conversion 

(a synonym for CO2 carrying capacity) as they go through the recarbonator reactor so that the 

subsequent loss in activity during the next calcination cycle allows higher levels of CO2 carrying 

capacities to be sustained
41, 47

. 

 

Finally, in the KL model equations for the recarbonator reactor it is implicitly assumed 

(through the term fa,R in equation (15)) that an average fraction of active solids exists in the solid 

phase within the bed, which is the only fraction of solids that reacts with the gas phase. Indeed, 

the fraction of particles that have been in the recarbonator for a period longer than t*R have 

increased their carbonate content by ΔXR,max and they are no longer able to react with CO2 (see 

equation (13b)). Only the fraction of particles which have remained in the reactor for a period 

shorter than t*R is able to recarbonate, and it represents the active fraction of particles: 

 

        
   
     (16) 

 

This is an analogous procedure to that of the carbonator reactor described elsewhere
58

. It takes 

into account the ideal residence time distribution of the particles entering a well-mixed fluidized 

bed
59

, which has been proven to be successful for modeling lab-scale
19, 20

 and large-scale pilot 

data
21

 of fluidized bed carbonator reactors. The mean residence time of the solids inside the 

recarbonator, τR, can be obtained as the ratio between the number of Ca moles inside the 

recarbonator (nCa,R) and the flow of Ca moles (FCa): 
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 (17) 

 

The calculation of the increase in calcium carbonate moles circulating between the carbonator 

and the calciner due to recarbonation (FCaΔXR) requires the definition of the ΔXR term, which is 

the average of the conversion achieved by the particles with a residence time below the threshold 

for achieving the maximum conversion and those that have reached the maximum conversion 

X
+

ave,R (or the extra carbonation conversion ΔXR,max): 

 

                  (      )          (18) 

 

The two addends of the previous equation can be obtained by following the same procedure as 

that described by Alonso et al.
58

 for a carbonator reactor, taking into account the residence time 

distribution of the particles inside perfectly mixed reactors. Rearrangement of these expressions 

leads to the carbonate conversion of the particles inside the recarbonator: 

 

           
  
  
 (   

   
    )   

            

   (      )
 (19) 

 

The CO2 mass balance then gives the following conversion in the gas phase: 

 

     
   

         
    (20) 

 



 20 

On the other hand, the calculation of t*R for each element (Eq. (14)), requires the definition of 

the average CO2 volume fraction in the reacting phases (cloud and emulsion) to obtain the value 

of dX/dt (Eq. (13a)). Since this is also changing in the Z axial reactor elements adopted for the 

resolution of the model, it has to be estimated by taking into account these plug flow reactors for 

the gas, while maintaining a perfect and instant mixing of solids throughout the bed. Thus: 

 

    
                  

(      ̅̅ ̅̅ ̅̅ ̅̅ ̅̅ )
 
     (      ̅̅ ̅̅ ̅̅ ̅̅ ̅̅ ̅)

 
    

 (21) 

    
    

    
  (

                
                 

) (22) 

 

where νb in,i is the CO2 volume fraction in the bubble phase at the inlet of the element i, νc and 

νe are the CO2 volume fractions in the cloud and the emulsion, respectively, and a4,i and a5,i are 

constants and can be calculated by means of expressions (23) and (24): 

 

              
           
            

 (23) 
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Finally, the combination of Eqs. (21) and (22) gives the average of the difference between the 

CO2 concentration in both the cloud and the emulsion regions and that at equilibrium conditions 

in a specific reactor element: 
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(25) 

 

The solution of the model applied above allows the calculation of the gain in the carbonate 

conversion of the particles inside the recarbonator reactor, the efficiency of the reactor (taken to 

be the ratio between ΔXR/ΔXR,max) and the conversion of the gas (XCO2). It should be noted that 

the carbonation conversion of the solids arriving at the reactor (Xcarb) is not equal to Xave,R but 

slightly lower under the typical operating conditions of the carbonator. This means that particles 

arriving at the recarbonator first have to be carbonated up to Xave,R before the recarbonation 

process can take place. This carbonation process is assumed here to be virtually instantaneous, as 

the kinetic constant of the carbonation is much higher than that of the recarbonation reaction and 

the recarbonator is also operating at a high temperature and with a high concentration of CO2. 

 

As discussed by Arias et al.
41

 the fraction of unconverted active CaO (Xave,R-Xcarb) arriving in 

the recarbonator has to be kept to a minimum because the carbonation of this CaO translates into 

a higher demand for CO2 in the recarbonator (and a higher associated cost). However, this 

fraction of active CaO is beneficial in that it increases the temperature of the solids in the 

recarbonator reactor thanks to the exothermic carbonation reactions taking place in the 

atmosphere of concentrated CO2. In this work we consider that the CO2 available for the actual 

recarbonation of the particles is the CO2 entering the reactor minus the CO2 used for this 

instantaneous carbonation. Therefore, this is the gas flow that will be considered to be involved 

in the recarbonation process and that will be used to calculate the properties of the bed, such as 

the bubbles velocity and the bubble density in the reactor. This approach is supported by 
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assuming that the particles inside the recarbonator are well mixed and the solids which are 

constantly arriving at the recarbonator at Xcarb are rapidly distributed throughout the reactor and 

react instantaneously to reach Xave,R. 

 

The recarbonator model is solved by following an iterative procedure (see Figure 4) that was 

programmed using Matlab. Once all the inlet parameters of the model are fixed, the procedure 

begins with the calculation of the CO2 used to carbonate the particles from Xcarb up to Xave,R 

(FCO2,carb). Then, the CO2 consumed in this process is subtracted from the total CO2 fed to the 

reactor (FCO2,0) and the inlet flows and parameters of the first reactor element are calculated, as 

outlined in Figure 4. Assuming a first tentative value of fa,R, the conversion of the gas can be 

calculated by using the expressions obtained through the solids balance (Eq.(20)) and the gas 

balance (Eq.(12)). To obtain the gas conversion from the gas balance it is necessary to solve all 

the Z reactor elements of the recarbonator (100 volume elements have been used in the 

simulations), where the outlet parameters of an element i are the inlet variables for the next 

element i+1 while identical solid properties are maintained in all the elements. Finally, the gas 

conversions given by Eqs. (20) and (12) are compared. If the difference between them is found to 

be less than the defined tolerance value, the iterative process based on fa,R ends, leading to the 

value of the conversion of the gas and the efficiency of the recarbonator. Nevertheless, if the 

difference is higher than the tolerance value, the process is repeated again using a new value of 

fa,R until a solution is found.  
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Figure 4. Scheme of the calculation procedure for the proposed model. 

In this way, the model is able to calculate for a given set of reaction conditions (inlet gas 

concentration and reactor temperature), inlet mass and gas flows and reference reactor volume, 

the average recarbonation conversion achieved by the solids at the exit of the reactor, and in turn 

the efficiency of the recarbonation reaction, the gas conversion and the gas flow rates and 

compositions at the exit of the reactor. Consequently, the model can be used as a simulation tool 
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to analyze the key design parameters of the reactor in order to achieve the targeted level of 

recarbonation efficiency. 

 

3. SIMULATION OF THE RECARBONATOR REACTOR 

In the following paragraphs we report a design exercise to illustrate how to determine the 

volume of the recarbonator reactor, using the solution procedure described above for the 

reference set of operating conditions and model parameters compiled in Table 1. One of the 

problems in selecting the reference conditions for the reactor is that, as indicated in Figure 1, the 

recarbonator reactor is a part of a three reactor CaL system, so that the input flows for the 

recarbonator reactor are the output flows of the carbonator reactor and the output flows in the 

recarbonator reactor also have an impact on the performance of the calciner and carbonator 

reactors. Therefore, for the sake of clarity in the present simulation exercise, we have chosen a 

set of boundary conditions and input flows for the recarbonator reactor that are considered 

constant and independent of the carbonator and calciner performances. The calciner is assumed 

to operate with 100% calcination efficiency with respect to the CaCO3 flow entering the calciner 

and the carbonator is assumed to operate with 85% carbonation efficiency with respect to the 

flow of active CaO entering the carbonator. It is beyond the scope of this work to analyze in 

detail how these efficiencies can be obtained in practice. However, these can be considered 

reasonable assumptions in light of the experimental results obtained from pilots of different 

scale
16-23

 and carbonator model predictions
12, 20, 21, 58, 60

 for reactors operating with sufficient solid 

residence times and active flows of solids. 
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Table 1. Input parameters for the recarbonator model. 

Ref. operating variable Value 

Xave,R 0.20 

Xcarb 0.17 

ΔXR,max 0.03 

FCa (mol/s) 10000 

FCO2,0 (mol/s) 700  

T (ºC) 800 

ν0 0.85 

dp (µm) 100 

ρs(kg/m
3
) 2000 

Inerts (%w) 30 

Model Parameters Value 

ks,R (s
-1

) 0.004 

D (m
2
/s) 1.98*10

-4
 

db (m) 0.05 

єmf 0.43 

Kbc (s
-1

) 6.47 

Kce (s
-1

) 3.94 

 

Also indicated in Table 1 is the fact that we are assuming an average carrying capacity of the 

solids entering the carbonator and recarbonator reactors of Xave,R=0.20. This level of activity is 

made possible in the system of Figure 1 by the combined effect of a certain limestone make-up 

flow to the calciner and the positive effect of the recarbonation conversion ΔXR that will be 

achieved in the recarbonator reactor. In principle, we fix this value of Xave,R=0.20 in Table 1 as 

an input parameter, although it is at the same time a design target for the recarbonator reactor to 

reach this average CO2 carrying capacity by minimizing the make-up flow of limestone to the 

calciner. This means that if the recarbonator reactor is ineffective, a large make-up flow of 

limestone will be required to reach the CO2 carrying capacity of 0.20 adopted as a reference.  In 

contrast, if the recarbonator reactor achieves a ΔXR of around 0.02 it has been experimentally 

demonstrated
41, 42, 47

 that a residual conversion of lime of 0.16-0.17 can be achieved. In that case 

a very small make-up flow of limestone will be required to achieve the targeted Xave,R=0.20. The 
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addition of a small make-up flow of limestone will always be necessary to purge ashes and 

CaSO4 and to maintain a reasonable buildup of inert materials in the system
26

.  Earlier works 

describing the CaL system mass balances
57, 60-63

 provide detailed methods for quantifying the 

make-up flow requirements of limestone in order to sustain a certain level of average CO2 

carrying capacity as a function of the limestone deactivation parameters and the ash and sulfur 

present in the fuel burned in the calciner. 

 

The input of solids into the reactor (FCa in Figure 2) is assumed to be 10000 mol/s as a 

reference and this solids stream is assumed to contain a typical 30% of inert material (ash and 

CaSO4 as discussed by Diego et al.
26

). The carbonate conversion of this calcium flow to the 

recarbonator is Xcarb=0.17 (because of the 85% carbonation efficiency assumed in the 

carbonator). The resulting CO2 capture rate in the carbonator of 1700 mol/s would correspond to 

the CO2 captured from a power plant of about 1000 MWth, equipped with a carbonator reactor of 

about 200 m
2
 of cross-sectional area operating at around 5 m/s. These are all typical targets for 

large- scale carbonator reactors
12, 16-23, 58, 60

, comparable in size to the commercial circulating 

fluidized bed combustors with a similar thermal input. The purpose of these assumptions about 

the carbonator dimensions is to be able to compare the dimensions of the new recarbonator 

reactor against large scale reactors in “standard” Calcium Looping CO2 capture systems. 

Additionally, the ΔXR,max of the lime particles is taken to be 0.03, which is a conservative value 

according to the experimental data reported elsewhere
41, 47

. The values assumed for Xave,R and 

ΔXR,max lead to a maximum sorbent conversion at recarbonator outlet X
+

ave,R=0.23.  
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Finally, the gas input to the recarbonator reactor is assumed to have 85%v of CO2 and 15%v of 

steam, while the reaction temperature is taken to be 800ºC, since these operating conditions have 

been proven to be adequate for fast recarbonation kinetics
47

. The CO2 molar flow rate to the 

recarbonator is set in the reference case at 700 mol/s, which leaves an excess molar flow of CO2 

for the recarbonation once the particles have been carbonated up to Xave,R (this process consumes 

300 mol CO2/s). For the KL model parameters, the particles are assumed to have an average size 

of 100 µm and a density of 2000 kg/m
3
, which are typical values in CaL systems, and the bubble 

diameter is assumed to be 0.05 m. The recarbonation rate constant is taken as 0.004 s
-1

 on the 

basis of the discussion in the previous section and the experimental data obtained by Grasa et 

al.
47

. 

 

Figure 5 presents a first set of model predictions for the reference case of Table 1, in which the 

efficiency of the recarbonator reactor (ratio ΔXR/ΔXR,max) is calculated as a function of the 

reactor volume. Four different curves have been generated for different expanded reactor heights 

(0.5, 1, 2 and 3 m). This means that, for a given reactor volume, four different cross sections of 

the reactor and gas velocities are plotted in the figure, since the total molar flow of gas has been 

fixed in the reference Table 1. Furthermore, in each of the curves of Figure 5, the changes in 

reactor volume translate into proportional changes in the cross-sectional area and superficial gas 

velocity. The specific conditions in each case (superficial gas velocity, gas conversion) result in a 

different bed porosity, which allows calculating the inventory of solids within the recarbonator 

for a given reactor geometry.  
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The figure shows the expected trend of an initial sharp increase in reactor efficiency as the 

volume of the reactor (and associated solids residence time, τR) increases. For larger recarbonator 

volumes the increase in reactor efficiency is more moderate because the total consumption of 

CO2 moles is high, so that the CO2 molar concentration is closer to equilibrium and the solids 

conversion approaches its maximum (ΔXR,max=0.03 as indicated in Table 1). When the four 

curves of Figure 5 are compared, it can be seen that shallower reactors are more efficient than 

deep beds for smaller reactor volumes, whilst the opposite happens at higher reactor volumes.  

 

This trend can be explained on the basis of the two effects described next. When the superficial 

gas velocity is lower (this is the case of shallower reactors, since the inlet molar flow of gas is 

constant), the expansion of the bed is lower, so that for a given reactor volume, the mean 

residence time of the particles inside the recarbonator and thus, the reactor efficiency, are higher. 

This effect dominates on the left hand side of Figure 5. Nevertheless, this expected trend is not 

repeated for large reactor volumes, as another effect controls in the right hand side of the figure. 

For a given height of the expanded bed, if the inlet molar flow of gas is constant, an increase in 

the recarbonator volume translates into a decrease in the superficial gas velocity. As a 

consequence, the solids tend to concentrate in the emulsion region rather than in the cloud region 

(see the expressions for ϒe and ϒc in the KL model
48

). It is known that the diffusion of CO2 to the 

emulsion phase suffers more hindrance and this region tends to get closer to the CO2 

concentration of the equilibrium, as a result of which the recarbonation reaction rate is slowed 

down. This effect is more pronounced at lower gas velocities, that is, for higher reactor volumes 

and shallower recarbonator reactors, and it explains the change in the tendency observed in 

Figure 5. A limit has been marked in Figure 5, which is represented by the dotted line on the left 
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hand side of the figure corresponding to a maximum fluidizing velocity of 2 m/s. The lower 

velocity limit is imposed by the minimum fluidization velocity, umf. However, this is not shown 

in Figure 5 because none of the cases represented in this figure lead to velocities below umf.  

 

These results seem to indicate that a target of very high recarbonator efficiencies (ratios 

ΔXR/ΔXR,max of over 0.9) may not be realistic because they would entail very large reactor 

volumes and/or very large cross sections. For comparison purposes the cross-section of the 

carbonator and calciner in Figure 1 for this reference case will be of the order of 200 m
2
 (which 

is in turn comparable to the cross-section of a circulating fluidized bed combustor in a power 

plant of 1000 MWth, used as a reference for the data in Table 1). The ΔXR targeted in the 

recarbonator is 0.02 (ΔXR/ΔXR,max=0.66), as was explained above. Therefore, reactor volumes of 

around 150-200 m
3
 would be required depending on the expanded bed height. It is necessary to 

reach a compromise between sufficiently high reactor efficiencies during recarbonation and 

reasonable recarbonator dimensions. For this purpose, a recarbonator with a cross-section of 

between 80 and 100 m
2
 (approx. 40 or 50% respectively of that of the carbonator) and 2 m of 

expanded bed height has been selected as a reasonable trade-off. 
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Figure 5. Efficiency of the recarbonator reactor (ΔXR/ΔXR,max) as a function of reactor volume, 

using different expanded reactor heights. Operating conditions as in Table 1. 

 

The effect of the superficial gas velocity at the entrance to the recarbonator reactor for a given 

set of reactor dimensions (100 m
2
 of cross-section and 2 m of expanded bed height as chosen 

above) is represented in Figure 6, for two operating temperatures (750ºC and 800ºC). In this 

case, the flow of solids entering the reactor is retained as in Table 1 but the gas flow rate is 

allowed to change, as indicated by the gas velocity at the entrance to the reactor. At very low gas 

velocities, the efficiency of the reactor deteriorates very rapidly in this example because the 

limiting factor hindering the reaction is the lack of CO2 to sustain the fast carbonation stage 

(between Xcarb and Xave,R) and the recarbonation. In actual fact, the efficiency is zero if the inlet 

CO2 molar flow is allowed to be exactly that required for instantaneous carbonation up to Xave,R 

plus the CO2 associated to the equilibrium (gas velocity of around 0.3 m/s in Figure 6). The 

efficiency of the reactor reaches a maximum at around u0=0.8 m/s (800ºC) and u0=0.7 m/s 

(750ºC) (equivalent to FCO2,0=770 mol/s and FCO2,0=700 mol/s, respectively) and then drops 
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slightly as the excess CO2 fed to the recarbonator expands the bubbling bed (leading to a 

reduction in the residence time of the solids as discussed above) without increasing the solids 

conversions. The excess CO2 at the inlet also causes a drop in CO2 conversion, XCO2, calculated 

with equation (12) or (20) and also represented in Figure 6.  

 

The efficiency in the conversion of CO2 in the recarbonator reactor, XCO2, needs to be 

maximized because this is a recycle flow that is obtained from the gas stream that leaves the 

calciner of Figure 1. However, the gas flow of CO2 entering the recarbonator must be kept 

sufficiently high to maintain the high partial pressure of CO2 required for fast recarbonation and 

intense fluidizing conditions so that it can serve as a loop-seal between the carbonator and 

calciner reactors. The shaded area in Figure 6 represents a reasonable compromise between a 

recarbonator efficiency of 0.60-0.70 (ΔXR of around 0.02) and a XCO2 value of no less than 0.70 

for an operation temperature in the recarbonator of 800ºC. The results show that an inlet gas 

velocity of around 0.6 m/s is enough to attain the targeted ΔXR of 0.02 whilst maintaining at the 

same time a sufficiently high gas conversion (73%). This results in a mean residence time of the 

particles inside the recarbonator reactor of 167 s and a CO2 molar flow of 251 mol/s available for 

recarbonation (after the particles have attained Xave,R and after the subtraction of the CO2 moles 

associated to the equilibrium). At the temperature of operation chosen as a reference in Table 1 

(800ºC), a minimum of 315 mol CO2/s needs to be fed into the reactor to compensate for the total 

molar flow of CO2 consumed in the reaction up to Xave,R plus the flow of CO2 related to the 

equilibrium (νCO2,eq=0.217)). If the recarbonator cross-section were 80 or 90 m
2
, an inlet gas 

velocity of 0.9 and 0.7 m/s would be required, respectively, instead of 0.6 m/s, and the gas 

conversions would be lower (50 and 66% respectively). On the other hand, the less favorable 
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kinetics at 750ºC
47

 leads to lower reactor efficiencies in this particular example and for this 

particular set of kinetic parameters (ks,R is taken to be 0.002 s
-1

 at 750ºC).  

 

It should be highlighted that the total values of CO2 consumption are only a small fraction (less 

than 10%) of the CO2 generated in the calciner, which typically has a thermal input comparable 

to the power plant feeding flue gases to the carbonator of Figure 1
4, 7-9, 11, 13, 25

 and therefore 

generates flows of CO2 that are one order of magnitude higher. As for the steam requirements, 

they do not entail any additional penalty to the process since the recarbonator is directly fed 

using the gas stream that exits the calciner (prior to the condensation and purification step), 

which provides sufficient steam for recarbonation. 

 

 

Figure 6. Efficiency of the recarbonator reactor (ΔXR/ΔXR,max) and gas conversion (XCO2) as a 

function of the total inlet gas velocity at two operating temperatures (750 and 800ºC) for a 
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recarbonator of 100 m
2
 and 2 m of expanded bed height. Solids flows and gas characteristics as 

in Table 1. 

 

The previous design examples confirm that there are sufficiently wide design and operating 

windows to build and operate a recarbonator reactor aimed at the desired targets of sorbent 

recarbonation. There are however, still a number of uncertainties to be addressed, but these will 

be overcome as more data are obtained from the pilot testing campaigns in the 1.7MWth pilot of 

La Pereda
21

. One such uncertainty is the extent of the impact of the recarbonator reactor 

temperature on the recarbonation conversions. The temperature chosen in this work as a 

reference (800ºC) is necessary to provide sufficiently fast recarbonation rates and reasonable 

recarbonator dimensions as pointed out above. However, this temperature is difficult to reach in 

practice when the inlet temperature of the solids coming from the carbonator is 650ºC and only 

around 5 net points of exothermic carbonation conversion (from Xcarb=0.17 to Xave,R+ΔXR=0.22) 

are available for reaction during recarbonation. An adiabatic heat balance to the reactor reveals 

that a temperature increase of only about 60-70ºC can be expected in the recarbonator in these 

conditions.  If recarbonation were ineffective at a temperature between 700-750ºC because of the 

unfavorable kinetics
47

, an additional means of increasing the temperature in the recarbonator 

reactor would be needed, such as an increase in the temperature of the carbonator (up to 700ºC 

the carbonator efficiency is still over 80% for typical coal flue gases), a parallel oxyfuel 

combustion of a small flow of fuel and O2 fed to the recarbonator, or the preheating of the 

carbonated solids leaving the carbonator using a high-temperature flue gas
64

. The energy penalty 

associated to these processes in the overall system would be minimum, as all the heat provided in 

the recarbonator to increase the temperature of the solids would lead to a proportional decrease 
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in the heat requirements in the calciner. In fact, the recarbonation process should not entail a 

noticeable increase in the energy requirements of the calciner in the CaL system. This is because 

the additional heat demand in the calciner associated with the increase in the calcination of a 

solids stream with a higher carbonate content would be compensated for by the higher 

temperature of the solids arriving at the calciner of Figure 1 from the recarbonator. 

 

A sensitivity analysis has been carried out to investigate the impact of the main model 

parameters on the calculated efficiency, ΔXR/ΔXR,max. Figure 7 depicts the influence that db, Kbc, 

Kce, ϒc and ks,R have on the the efficiency of the recarbonator when these parameters are altered 

between 50 and 150% with respect to the central values shown in Table 1. The solid flow and the 

gas properties correspond to those of Table 1, whereas the geometry of the recarbonator has been 

fixed at 100 m
2
 and 2 m of expanded bed height, and the inlet gas velocity at 0.6 m/s. 

 

 

Figure 7. Sensitivity analysis of the effect of db, Kbc, Kce, ϒc and ks,R on recarbonation efficiency. 

Solid and gas properties as in Table 1. The inlet gas velocity is 0.6 m/s. 
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As can be seen in Figure 7, the bubble size has only a slight influence on the recarbonator 

effciency. It is known that when the bubble size decreases CO2 transfer from the bubble to the 

cloud and subsequently to the emulsion is favored. However, the bed porosity also increases, and 

this translates into a reduction of the mean residence time of the particles inside the recarbonator. 

Nonetheless, these two effects compensate each other in the recarbonator reactor under these 

operating conditions, resulting in a virtually unchanged recarbonator efficiency (see Figure 7). It 

is important to note that the opposite happens when the bubble diameter increases. If the 

recarbonator efficiency were affected by an increase in the bubble size along the reactor, 

internals or some other device could be installed to reduce the size of the bubbles and boost the 

mass transfer of CO2 to the emulsion phase. The effect of the interchange rate coefficients Kbc 

and Kce has also been studied. It should be noted that these parameters are influenced by the 

bubble diameter, so that they have implicitly changed with db, but in that case the mean residence 

time has also altered due to changes in the bed porosity. When only Kbc and Kce vary (τR remains 

virtually constant) it can be observed that the recarbonator efficiency is hardly affected. The 

same happens when ϒc takes values ranging from 50 to 150% of that of the reference case: there 

is only a negligible effect on the efficiency of the recarbonator. The influence of ϒe has not been 

considered in this study because it depends on the bed porosity, which changes in each case. 

Besides, it is directly related to ϒc, so that a change in ϒc also produces a change in ϒe. 

 

Finally, the kinetic constant is the parameter that most influences the recarbonator 

performance, although its effect is also limited. As expected, higher values of ks,R result in higher 

recarbonation efficiencies. But, as the final solids conversion is also affected by the equilibrium, 
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the available molar flow of CO2 for recarbonation and the mean solids residence time inside the 

recarbonator, the efficiency increase is limited. Nevertheless, the ΔXR/ ΔXR,max ratio diminishes 

more sharply for the lowest values of ks,R, as can be seen from Figure 7. 

 

The results presented in Figures 5-7 indicate that there are reasonable design and operating 

windows for the recarbonator reactor to achieve the desired targets of increased carbonation 

conversion. More importantly, this increase in conversion could allow the process to proceed 

with a significantly lower make-up flow for a specific target of average CO2 carrying capacity 

and CO2 capture efficiency, and lead to a reduction in the operational costs associated to CaL 

technology. Work is in progress to retrofit the La Pereda 1.7 MWth pilot
21

 with a recarbonator 

reactor to experimentally test this process variant of the postcombustion Calcium Looping 

system and exploit its advantages. The reactor model described in this paper will serve as a tool 

for interpreting and scaling up results obtained from the pilot. 

 

4. CONCLUSIONS 

A mathematical model of a fluidized bed recarbonator reactor, the aim of which is to increase 

the average CO2 carrying capacity of the sorbent in a Calcium Looping CO2 capture system, can 

be solved by integrating into the KL model the kinetic information available for the carbonation 

and the recarbonation reactions. The simulations of a large-scale system have identified 

reasonable operating windows where adequate recarbonation conversions (of the order of a 0.02 

net increase in CaO conversion to CaCO3) can be achieved and hence, average CO2 carrying 

capacities close to 0.20 can be sustained. The solution of the recarbonator model indicates that 

average residence times from 100 to 170 s are sufficient for this purpose.  An expanded bed 
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height of 2 m, a cross-sectional area of between 80 and 100 m
2
 and an inlet gas velocity ranging 

from 0.6 and 0.9 m/s are required. These dimensions and conditions could be achieved with the 

loop-seals used to connect the carbonator and calciner reactors in the Calcium Looping system. 

 

A sensitivity analysis reveals that changes of ±50% with respect to the reference cases in 

intrinsic model parameters such as the interchange rate coefficients (Kbc and Kce) and the volume 

of solids in the cloud region divided by the volume of bubbles (γc) would hardly affect the final 

recarbonation conversion. It was also found that the bubble diameter has only a slight effect on 

the recarbonator efficiency within a range of moderate values, whereas the kinetic constant (ks,R) 

stands out as the most influential parameter of the model, although the effect of this parameter is 

also restricted given the limited variation observed in recarbonation kinetic experiments. In fact, 

it is calculated that the recarbonator efficiency diminishes by 19% and increases by 8% when 

compared to that of the reference case for ks,R values of 0.002 and 0.006 s
-1

 respectively, which 

correspond to variations of 50 and 150% with respect to the reference ks,R. 

 

The model presented in this study is useful for the prediction and interpretation of the 

performance of a recarbonator, and it can be used as a tool for the design of recarbonator reactors 

in future Calcium Looping systems for CO2 capture. 
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NOMENCLATURE 

AR = Cross-sectional area of the recarbonator (m
2
) 

a1,i = Parameter of the recarbonator element i (s
-1

) 

a2,i = Parameter of the recarbonator element i 

a3,i = Parameter of the recarbonator element i (mol/m
3
) 

a4,i = Parameter of the recarbonator element i 

a5,i = Parameter of the recarbonator element i (mol/m
3
) 

Cb,i = CO2 molar concentration in the bubble phase of the recarbonator element i (mol/m
3
) 

Cb in,i = CO2 molar concentration in the bubble phase at the inlet of the recarbonator element i 

(mol/m
3
) 

Cb out,i = CO2 molar concentration in the bubble phase at the outlet of the recarbonator element i 

(mol/m
3
) 

Cc,i = CO2 molar concentration in the cloud phase of the recarbonator element i (mol/m
3
) 

Ce,i = CO2 molar concentration in the emulsion phase of the recarbonator element i (mol/m
3
) 

Ceq = CO2 molar concentration at equilibrium conditions (mol/m
3
) 

D = Molecular diffusion coefficient of the gas (m
2
/s) 

db = Bubble diameter (m) 

dp = Mean particle diameter (m) 

FCa = Molar flow of Ca moles between reactors (mol/s) 

FCO2,0 = Total molar flow of CO2 fed to the recarbonator reactor (mol/s) 

FCO2,carb = Molar flow of CO2 consumed for the carbonation reaction up to Xave,R inside the 

recarbonator (mol/s) 
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FCO2 in,i = Molar flow of CO2 that enters the recarbonator element i (mol/s) 

FCO2 out,i = Molar flow of CO2 that leaves the recarbonator  element i (mol/s) 

fa,R = Active fraction of particles inside the recarbonator 

fCa R,w = Mass fraction of calcium involved in the recarbonation reaction 

HR = Height of the recarbonator reactor (m) 

Kbc = Gas interchange coefficient between the bubble and the cloud regions (s
-1

) 

Kce = Gas interchange coefficient between the cloud and the emulsion regions (s
-1

) 

ks,R = Apparent kinetic constant for the recarbonation reaction (s
-1

) 

Ms = Molecular weight of the Ca solids (kg/mol) 

nCa,R = Number of calcium moles inside the recarbonator (mol) 

T = Temperature (ºC) 

t* = Characteristic time of the carbonation reaction after which the reaction rate is zero (s) 

t*R = Characteristic time of the recarbonation reaction after which the reaction rate is zero (s) 

ub,i = Bubble velocity in the recarbonator element i (m/s) 

uin,i = Gas velocity at the inlet of the recarbonator element i (m/s) 

uout,i = Gas velocity at the outlet of the recarbonator element i (m/s) 

u0 = Total inlet gas velocity to the recarbonator (m/s) 

X = CaO carbonate molar conversion 

Xave = Average CaO carbonate molar conversion achieved at the end of the fast carbonation 

period 

Xave,R = Average CaO carbonate molar conversion achieved at the end of the fast carbonation 

period in the presence of a recarbonator reactor 

Xave,R
+
 =

 
Average CaO carbonate molar conversion achieved at the end of the fast recarbonation 

period 

Xcarb = CaO carbonate molar conversion at the exit of the carbonator 

XCO2 = CO2 gas conversion 

XCO2,i = CO2 gas conversion inside the recarbonator element i 

XCO2,GB = CO2 gas conversion calculated by means of the gas balance 
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Xr = Residual conversion of the particles 

Z = Number of elements into which the recarbonator reactor is divided for the calculations 

zi = Height at the recarbonator element i (m) 

Greek symbols 

αc,i = Fraction of solids present in the cloud region of the recarbonator element i 

αe,i = Fraction of solids present in the emulsion region of the recarbonator element i 

ΔXR = Increase in the CaO carbonate molar conversion due to recarbonation 

ΔXR,max = Maximum increase in the CaO carbonate molar conversion of the particles due to 

recarbonation if allowed to progress to the end of the fast recarbonation period 

δi = Bubble density in the recarbonator element i 

єi = Bed porosity of the recarbonator element i 

ϒc = Volume of solids dispersed in the cloud region per volume of bubbles 

ϒe,i = Volume of solids dispersed in the emulsion region per volume of bubbles inside the 

recarbonator element i 

ρm,g = Molar density of the gas (mol/m
3
) 

ρs = Solids density (kg/m
3
) 

τR = Mean residence time inside the recarbonator (s) 

ν = Volume fraction of CO2 in the gas phase 

νc = Volume fraction of CO2 in the cloud region 

νe = Volume fraction of CO2 in the emulsion region 

νeq = Volume fraction of CO2 at equilibrium conditions 

νin,i = Volume fraction of CO2 at the inlet of the recarbonator element i 

ν0 = Volume fraction of CO2 at the inlet of the recarbonator 
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